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N THIS issue of THE REFINER is presented the 
Process Development Section, which serves to 
correlate and bring down to date in this journal 
practically all of the new process information deal- 
ing with processes which have become 
This commercially applicable to this industry 
within the past four years. This Proc- 
Month gs Development Section is designed to 
supplement the original Process Hand- 
book published by THE REFINER in February, 1932. 
This important section is taken from the 1936 Edi- 
tion of the Process Handbook, which appears in 
THE ReEFINER’s Composite Catalog of Refinery 
Equipment, 1936. 

In addition, this issue presents some timely and 
important technical material. Readers interested in 
the trend now being felt within the industry having 
to do with the production of chemicals at the re- 
finery, will find I. N. Beall’s article on chemicals 
from natural gas of real and lasting value. 

Many refiners have encountered difficulty in the 
production of ‘“‘sun-stable” motor fuels. Berger, 
during the past two years has been giving a lot of 
time and study to the factor which influences sun 
stability and in his article “Practical Aspects of Sun 
Stability” he presents much that will be of good 
service to many. Bottomley’s discussion of the use 
of soda ash and lime in water softening will prove 
interesting to those who are troubled with “tough 
water’, Liston’s article on the significance of 
Diesel fuel-knock ratings brings down to date much 
valuable information on Diesel fuels, and answers 


October, 1936—A Gulf Publishing Company Publication 


many of the questions which have come from read- 
ers within the past several months. 


66 FOTTLED GAS” as it is known in the sub- 

urbs, on farms, at resorts and the roadside 
hot-dog stand, has come into real popularity as fuel 
for the kitchen stove. 

Sales on such liquefied gases, which 
are derived from natural gas and re- 
finery gases, reached 76,855;000 gallons 
Gas in 1935, a gain of 35.2 percent over 

1934 and a contribution to the 326 per- 
cent increase in the consumption of liquefied petro- 
leum gases during the 6-year period, 1930-1935. 
Around 21,380,000 gallons, or nearly 28 percent, 
was used for domestic purposes, chiefly cooking. 
About 10 percent, or 7,581,000 gallons, was mixed 
with manufactured gas to increase the heat value, 
while 62 percent, or 47,894,000 gallons, found in- 
dustrial uses, particularly in manufacturing opera- 
tions where accurate heat control is needed. 


Liquid 


Most of the liquefied petroleum gases consumed 
in 1935 was propane, with butane a close second, 
propane-butane mixtures third, and the remainder, 
pentane. Propane is usually the “bottled gas” used 
for domestic heating. Butane was consumed largely 
in such industrial processes as annealing, brazing, 
carburizing, metal cutting, preheating, and the like. 
Many chemical products also are manufactured from 
the gases. In some districts automobiles, trucks and 
busses are being successfully operated_on liquefied 











petroleum gases, and the uses are rapidly being en- 
larged, which give an ever-expanding market—and 
these are the conditions which result in the instal- 
lation and construction of liquefied gas plants and 
systems in more and more refineries and natural 
gasoline plants from year to year. 


¢% HE marketing for gasoline continues to grow. 

At the end of 1935 the world registration of 

motor vehicles totaled 36,500,000, of which 26,000,- 

000 or 71 percent, were registered in 

Market the United States. Of interest is the 

present estimates of domestic new car 

demand for 1937, now reported placed at 4,500,000 
units for that coming year. 


ONSUMPTION of fuel oil by railroads during 

the past 10 years has been steadily increasing. 

Present estimates report that now more than 7000 

railroad locomotives operate on fuel oil. 

Fuel Oil The annual consumption of such oils 

for this purpose ranges from 48,000,000 

to 53,000,000 barrels. And this market is not yet 
“saturated”. 


XPERTS estimate that sufficient motor fuel 

4 can be extracted from the world’s supply of oil 

shale by the cratking process to operate all of the 

motor vehicles now registered for more 

Supply than 400 years. The world’s potential 

shale oil production is estimated at 300,- 

000,000,000 barrels. This does not include coal, of 

which there is an estimated 750-year supply. And 

still other “guestimators” give us sufficient crude 

to last 25 years, or 50 years, or 75 years—a wide 
range, surely. 


C; ASOLINE is said to represent about half of 
J the $2,500,000,000 wholesale value of all pe- 
treleum products produced annually. The heavier 
fuel oils constitute about a sixth. The 
lubricating oils constitute about one 
tenth. Hence the millions constantly 
going into new facilities for the production of motor 
fuels or high anti-knock rating. 


Values 


HE SWISS termed their alcohol-gasoline blend 

“an unbelievable piece of bad business” and the 

motorist “struck” for one day in protest. Germany 

has consistently reduced its alcohol 

Aleohol content during recent months and may 

abolish compulsory use of the fuel. The 

French tried and do not like it. The Britons are 

not exactly sold. The Italians find it costly and un- 

reliable. The Chemurgic Council in America seems 

determined to force the issue, Two distilleries are 
under way now to promote the experiment. 








REASONABLE estimate of money spent by 

the refining industry for research and develop- 
ment approximates $12,000,000 annually. Even dur- 
ing the recent depression years this 
figure was reasonably accurate. Real 
progress has come as the result of 
such work. More money, during the next few years 
will be put into research and development because 
of the obvious benefits of such a program and like- 
wise because of tax laws which are lenient in that 
direction. An encouraging sign. 


Research 


UESTIONS often come from within the in- 

dustry as to the number of products and by- 
products, and the use of such materials. Space 
limits a detailed report. A few of 
the uses of products and by-prod- 
ucts are in the manufacture of can- 
dies, chewing gum, many drugs and salves, per- 
fumes, matches, paint, preservatives, electric arc 
lights, medicinal oils, printing ink, rubber tires, 
cleaners’ naphtha, solvents, waterproofing, emul- 
sifying oils, chemicals, alcohols, solvents for the 
rayon, silk, and lacquer industries; anesthetics ; al- 
dehydes for the manufacture of plastics, bakelite, 
etc ; antiseptics and denaturants, anti-freeze, lacquer- 
base, resinous products for the chemical industry, 
and aromatics (benzol, toluol) for explosives. Proc- 
esses are known also to manufacture fatty acids, 
edible fats, butter and lard substitutes, soaps, dye- 
stuffs, saccharine, synthetic rubber and artificial 
leather. And the end is not yet. In fact, the trend 
has just begun. 


Products 


HE annual meeting of the American Petroleum 

Institute and the Division of Refining to be 
held at the Hotel Stevens in Chicago, November 9 
to 12, promises to be an important convention. The 
present economic trends and develop- 
ments will secure a deal of attention on 
the part of the institute at its general 
sessions. The division of refining, ac- 
cording to advance information from 
the program committee, will present a highly im- 
portant series of technical sessions. At these ses- 
sions the rapid progress in technical advance in vari- 
ous fields will be reviewed and available engineer- 
ing information correlated in the series of papers 
to be presented by a number of the industry’s leading 
technologists. THe REFINER, for November, will 
present all of the technical papers that are to be 
discussed at the important annual meeting of the 
Division of Refining, thus following an established 
custom of providing its readers with all of the im- 
portant engineering information presented at these 
meetings, promptly and under one cover. 

(Please turn to 59a) 
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Significance of 


Diesel Fuel Knock Ratings 


JOSEPH LISTON 


School of Mechanical Engineering 
University of Oklahoma 


’ ITH the increased attention now being given 

Diesels, especially in the medium- and high- 
speed fields, has come some new fuel problems. 
Until recently, it was rather the popular notion that 
Diesel engines would burn almost anything that 
would flow through a pipe, and in a very broad 
sense, this was nearly true for the massive slow 
speed air and solid injection units that formerly rep- 
resented the entire output of Diesel manufacturers. 
But the recent trend toward higher speeds and in- 
creased specific output is rapidly changing the fuel 
situation. Heavy crude and highly cracked fuels are 
not proving too satisfactory in the higher speed 
engines. 

The situation in the fuel injection field in many 
respects parallels the changes that have occurred in 
gasoline engines. For instance, 10 years ago gasoline 
engines were quite low in compression ratio, and 
gasolines were built to much less rigid specifications. 
Now, however, with the common use of high-com- 
pression engines, the demand for more power, 
mileage, and acceleration, and certainty of cold- 
weather starting, gasolines must be manufactured 
to rigid specifications. Such terms as “octane num- 
ber,’ vapor lock,” “volatility” and “acceleration” 
were either unknown in 1926 or at least were con- 
sidered to be of little importance. Few gasoline 
manufacturers will question the importance of these 
factors in today’s automotive fuels. 

Current technical activity among Diesel fuel men 
seems to indicate the rapidly increasing realization 
that in the near future Diesel fuels must also be 
built to more exacting specifications. Accumulating 
experience is showing that Diesel fuels even of the 
same gravity are far from identical in the manner 
in which they burn in the engine. Some fuel oils 
burn smoothly while others are quite rough and 
knock with considerable violence. Just as the com- 
mercial grade of 1926 gasoline would not be satis- 
lactory in 1936 cars, so also is trouble being encoun- 
tered when attempts are made to burn in the new 
high-speed Diesels some of the fuels that were suit- 
able in the slow-speed Diesels of 10 years ago. 

Before any intelligent attack on the Diesel knock 
problem could be made, it was necessary to more 
tully understand the nature of the phenomena caus- 
ing knocking. At first it was thought to be due to 
excessive bearing clearances, and prolonged knock- 
ing does tend to destroy bearing metals, but in many 
instances knocking wag pronounced in newly ad- 
juste] engines in which the bearings were known 
to be correct. This strongly indicated that the phe- 
nomena causing the knock occurred directly in the 
combustion chamber. Pressure indicators, Figure 1, 
have played an important part in the development of 
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ECHNICAL activity prevailing among Diesel fuel 

men indicates the rapidly increasing realization 
that in the near future Diesel fuels must be built 
to more exacting specifications. It is pointed out 
that roughness and knocking in many of the new 
high-speed Diesel engines is due in large part to 
too long delay between the time when the fuel be- 
gins to enter the combustion chamker and the time 
when it begins to burn. If this delay can be short- 
ened, less knocking and smoother operation would 
result. The attack on this problem may te gener- 
ally divided into two methods, first, changes in the 
mechanical design of the engine, and second, alter- 
ation of the combustion characteristics of the fuel. 

























FIGURE 1 
Diesel Type Indicator 
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FIGURE 2 


A Typical Full Load Indicator Card from a Two-Cycle 
Diesel Engine 


the internal-combustion engine, and their usefulness 
in studying pressure variations during the cycle sug- 
gested a means of analyzing the knocking phe- 
nomena. 

As the actual phenomena causing the knock 
seemed most likely to occur during the combustion 
period, studies were concentrated on the part of the 
indicator card representing the part of the cycle in 
which injection and burning takes place. In the 
usual type of indicator card, Figure 2, these events 
occur at the end of the diagram, and due to the 
relatively small motion of the engine piston near 
dead center, the events are so crowded together 
horizontally that an accurate study is difficult. 

To get around this difficulty, the small crank or 
reducing mechanism that operates the indicator may 
be set at a large angle to the engine crank. The 
engine piston travels fastest near the mid-portion 
of its stroke, and by setting the indicator crank to 
move proportional to this part of the piston motion 
when the engine piston is actually passing dead 


center, the events occurring during injection and 
combustion will be spread out horizontally so that 
they may be studied. By setting the indicator crank 
90 degrees ahead of the engine crank, cards like 
Figure 3 will be obtained. 

The dead-center position on the indicator card is 
now near the center of the card, but it 1s not exactly 
midway between the ends. This is due to the effect 
of angularity of the connecting rod, and this factor 
necessitates the graphical construction illustrated 
in Figure 3 to find the dead-center position. The 
procedure is as follows: 

The horizontal length of the cards is directly pro- 
portional to the stroke of the engine piston, S’, and 
each of these values may be found by measurement. 
The center-to-center length of the engine connecting 
rod, L’, may be found by measurement or obtained 
from the manufacturer. Then, from the relation 


S L 


Ss’ L’ 


L, the center-to-center length of the connecting rod 
to thé scale of the indicator card may be found. 

In Figure 3, L equals the length A B, and § 
equals the length B C. By attaching the out-of- 
phase card to a large sheet of paper and drawing 
line A D B C to coincide with the atmospheric line, 
point O, the center of the crank circle is readily 
located. The circumference of the circle B Y C Z 
represents the path of the center of the crank pin 
and A D is the path of the piston pin. With O Y 
perpendicular to B C, Y represents the position of 
the indicator crank pin for the out-of-phase card, 
and by using this as a center and setting a compass 
to length L (= A B), point X, the corresponding 
position of the indicator drum may be located. A 
perpendicular line through X gives the position of 
top dead center on the indicator card. It will be 
noticed that X is not exactly halfway between A 
and D. 

In gasoline engines, the ignition timing must be 
advanced as the speed is increased, and, as injection 
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FIGURE 3 


Graphical Construction Use on an Out-of-Phase Indicator Card for Studying 
Combustion Phenomena on the Diesel Engine 
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timing in the Diesel corresponds to ignition timing 
in the gasoline engine, the fuel must be injected 
earlier as the speed of the Diesel is increased. For 
effective study of the out-of-phase card, it is conven- 
ient to know the point at which the fuel begins to 
enter the combustion chamber. This point may be 
located on the out-of-phase card, Figure 3, if the 
injection advance is known. For instance, suppose 
the injection advance is 20 degrees before dead 
center. Y’ represents this point, and X’ is the corre- 
sponding position of the drum. Then E on the upper 
part of the compression line is the point at which 
injection begins. 

Line E F G H is the path of the indicator pointer 
when the engine is operating and fuel is being in- 
jected, but to study the card, line E F I is super- 
imposed on the card. This line is the path the indi- 
cator pointer follows when the engine is not firing. 
It may be taken by momentarily cutting off the fuel 
and holding the indicator pointer to the card before 
the engine slows down appreciably. Point F repre- 
sents the point at which pressure rise due to burning 
of the fuel begins, and the horizontal distance be- 
tween E and F is the combustion or ignition lag of 
the fuel. During this lag period, fuel is being in- 
ected into the combustion chamber, but no ap- 
preciable burning is taking place. Research results 
indicate that the relative length of this lag period 
determines whether or not a Diesel fuel will knock. 


To better understand the phenomena with which 
we must deal in studying this lag period, it is fre- 
quently useful to express the delay between the 
beginning of injection and the beginning of appre- 
ciable combustion as evidenced by pressure rise 
above the compression line in terms of time in sec- 
onds. This may be done as follows: 

From point F drop a perpendicular line to line 
AB at X”. Then using X” as a center and with the 
compass set to length L, intercept the crank circle 
BY C at Y”. From Y” draw a line to the center of 
the crank circle O. The angle Y’ OY” (= ©) repre- 
sents the movement of the engine crank during the 
delay period E to F. 

To convert this angle to seconds, only the speed of 
the engine shaft in revolutions per minute need be 
known. For instance, if the engine is turning 600 
revolutions per minute, 600/60 is the speed in revo- 
lutions per second, or 60/600 is the time in seconds 
for one revolution. But the delay period occupies 
only </360 of a revolution. Then, if * = say 21 de- 
grees, the time in seconds occupied by the delay 
period is 

21 60 


= x = .005833 second 
360 600 








This is a very short time in terms of our usual 
conceptions, but during this very brief interval, a 
considerable portion of the fuel must enter the com- 
dustion chamber, at least partially evaporate, mix 
with some of the air in the combustion chamber and 
de raised to the spontaneous ignition temperature. 

From the general expression for the time of the 
lelay period 

x 60 


t=—--—-— x 


360 R.P.M. 


itis readily seen that as the speed of the engine 
itreases, the time available for the action taking 
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FIGURE 4 


An Out-of-Phase Diesel Card Illustrating Ricardo’s 
Three Stages of Combustion 


place during’ the delay period will decrease. This 
means that either the action will have to be speeded 
up or else the beginning of injection will have to be 
advanced farther ahead of dead center. If neither of 
these things occur and the time remains the same, 
then < will extend too far beyond dead center and 
the combustion of the fuel will occur during the 
expansion stroke. Delayed combustion produces 
much the same effect as retarding the spark in a 
gasoline engine, i. e., the power and efficiency is 
reduced, and in the extreme, the engine tends to 
ovrheat. 


Before discussing the effects of advancing the be- 
ginning of injection, it is advisable to note briefly 
the analysis of Diesel combustion phenomena as out- 
lined by Ricardo’. In his work on the Diesel cycle, 
Ricardo considered the injection and combustion to 
occupy three separate stages (Figure 4). The first 
stage is the ignition delay period, and during this 
time, as has already been stated, fuel is entering 
the combustion chamber but practically none of it 
is burning. In the second stage, fuel continues to 
enter, and both the fuel that has already entered and 
that which is entering burns. This gives a very 
rapid rate of heat liberation and consequent rapid 
rate of pressure rise. Finally, at the beginning of 
stage 3, all of the fuel that entered during the delay 
period, stage 1, has been burned, and the tempera- 
ture has risen high enough to burn the remaining 
fuel as it enters. The end of stage 3 represents the 
end of injection. 


Research results strongly indicate that Diesel 
knock and rough operation are closely associated 
with the rate of pressure rise during stage 2, Figure 
4. When the rate of pressure rise is too rapid, the 
take-up in bearing clearances is too sudden and 
vibration and noise result. Also, the shock pres- 
sures tend to batter the bearing metal. Hence, it 
would seem that the logical procedure in reducing 
these undesirable conditions would be to reduce the 
rate of pressure rise during stage 2. 

Accomplishment of this end is proving quite diffi- 
cult. From Ricardo’s analysis, the,excessive pressure 
rise during stage 2 is due to the presence of too 
great a quantity of fuel in the combustion chamber 
and consequent excessive rate of heat liberation. 
This excess of fuel is due to the delayed start of 
burning during stage 1. From this it would seem 
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that if the delay period could be shortened, less fuel 
would have entered at the beginning of stage 2, and 
with less fuel to burn during this period, the rate 
of pressure rise would be reduced. If this reasoning 
is correct, any factor tending to shorten the delay 
period will also reduce Diesel knock and roughness. 


Methods of attack on this problem may be general- 
ly divided into (1) changes in the mechanical design 
of the engine, and (2) alteration of the combustion 
characteristics of the fuel. 

Considering these factors in the order given, the 
design features governing the length of the ignition 
delay period are largely those affecting the com- 
pression temperature and the rate of mixing the fuel 
and air. In Diesel engines, the ignition of the fuel is 
due to the air at the end of compression being at a 
higher temperature then the spontaneous ignition 
temperature of the fuel. Theoretically, if the air 
temperature is just equal to the spontaneous igni- 
tion temperature, the fuel will ignite, but actually, 
under these conditions, ignition will be uncertain, 
especially in starting. The flow of heat from one 
medium to another is determined in part by the 
temperature difference, and from this, it would seem 
logical that the higher the compression temperature 
above the spontaneous-ignition temperature, the 
more quickly would the fuel be raised to its com- 
bustion temperature. As compression temperature is 
a function of compression ratio, increasing this ratio 
will increase the compression temperature. In gen- 
eral, test results have shown that high compression 
Diesels have less tendency to knock than low-com- 
pression engines. 

This effect may be observed from the indicator 
cards. Figure 5 shows a card from a low compres- 
sion Diesel, and Figure 6 is taken from a higher 
compression engine. In the low compression engine, 
the knocking was more severe, and the more pro- 
nounced deviation from a smooth expansion line is 
quite evident. It was formerly assumed that the 
wavy expansion lines were due to indicator vibra- 
tion, but as evidence against this, the same period 
of vibration was obtained with several combinations 
of indicator springs and pistons. There is now some 
evidence* that the deviation is due to pressure varia- 
tions in the cylinder and not to indicator vibration. 

A further effect can be observed in Figure 7. The 
cards shown were taken from a high-compression 
engine at different loads, and it is readily seen that 
the light-load cards show the most severe deviation 
from a smooth expansion line. At light loads, less 
fuel is injected, and the residual heat in the cylinder 
is less, as indicated by the exhaust temperature, 
Figure 8. This results in less heating of the new 
charge by the residual burned gases, and, conse- 
quently, the compression temperature at light loads 
is less than that at full load. The net result of this 
load variation, as far as knocking is concerned, 
seems to be the equivalent of reducing the compres- 
sion ratio. Different grades of fuel would also show 
variations in the expansion line’, but they are not a 
factor in Figures 5, 6, and 7%, as all of these cards 
were taken with the engines burning the same fuel. 

However, there are many factors which may par- 
tially or completely offset the effect of increasing 
the compression ratio. For instance, the ratio of 
cooling surface area to cylinder volume in a large 
cylinder is less than this ratio in a small cylinder. 
Hence, more heat can escape during compression in 
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the small cylinder, and this may result in a lower 
compression temperature in the small cylinder even 
though its compression ratio is higher. During com- 
pression, the rapid motion of the air charge produces 
a scrubbing effect against the relatively cool cylinder 
walls that increases the cooling effect. Increased 
turbulence may in that way tend to increase the 
ignition delay period, but it has one advantage in 
that it increases the rate of mixing of the fuel and 
air. The net result of increasing air turbulence is, 
therefore, quite difficult to determine, but under 
proper control it is generally beneficial. 


Many other factors such as engine speed, at- 
mospheric temperature, worn piston rings, etc., af- 
fect the compression temperature to a greater or 
less extent, but an appraisal of their value must be 
made with great caution to avoid conflicting con- 
clusions. The very interesting fact remains, how- 
ever, that increasing the compression ratio in gas- 
oline engines tends to increase detonation, whereas 
increasing the compression ratio in the Diesel tends 
to decrease knocking. 

The second method of reducing Diesel knock, i. e., 
the alteration or control of the combustion charac- 
teristics of the fuel, is primarily the chief factor with 
which we are concerned in this paper. The problem 
has much in common with detonation in gasoline 
engines in that in each case some types of fuels are 
inherently good while others are very poor. How- 
ever, in many ways the desirable characteristics are 
directly reversed, so caution should be used in 
drawing conclusions. 

In the knock rating of gasolines, a fuel (iso oc- 
tane) having high resistance to detonation, and a 
fuel (normal heptane) having very poor resistance 
to detonation are blended to match the detonation 
characteristics of the gasoline. This is essentially 
the basis of the octane-number method of rating, 
and with the rise in importance of Diesel fuel knock, 
it seemed logical to proceed along similar lines. 


Numerous hyidrocarbons falling within the range 
of Diesel fuels have been suggested, but research 
progress has narrowed the possibilities to about 
three or four substances. Boerlage and Broeze® were 
among the first to suggest reference fuels for use in 
rating Diesel fuels. From their investigations, they 

















FIGURE 5 


Full Load Card from a Low Compression Diesel Engine 
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FIGURE 6 
Full Load Card from a High Compression Diesel Engine 


found that cetene (C,, H;,), a straight-chain hydro- 
carbon having one double bond, has a high resist- 
ance to knocking in the Diesel engine, and that 
mesitylene, C, H,, (1, 3, 5, trimethyl benzene) is a 
very bad knocker. By blending these substances in 
suitable proportions, the knocking characteristics of 
almost any of the Diesel fuels tested could be 
matched. The knocking characteristics of the fuels 
were expressed as cetene numbers from the defini- 
tion: The cetene number of a Diesel fuel is the per- 
cent by volume of cetene in a mixture of cetene and 
mesitylene that will have the same knocking char- 
acteristics as the Diesel fuel. 

This is a close parallel to the method used in 
octane-rating gasoline, but the substances differ 
radically. For instance, in gasolines, generally speak- 
ing, unsaturated hydrocarbons have high resistance 
to detonation, and saturated straight-chain hydro- 
carbons of the paraffin series are quite poor. Appar- 
ently, from the research results to date, the reverse 
is true for Diesel fuels, saturated straight-chain 
hydrocarbons having the good qualities and un- 
saturated hydrocarbons having poor qualities. 

This phenomenon possibly may be explained by 
the fact that detonation in the gasoline engine is 
due to the spontaneous ignition of the last part of 
the charge to burn, whereas in the Diesel, spon- 
taneous ignition is essential to operation, and the 
higher the spontaneous ignition temperature, the 
longer the delay before combustion begins. Hence, 
it seems logical that fuels having low spontaneous 
ignition temperatures will make poor gasolines and 
good Diesel fuels. Very likely there are exceptions 
to this reasoning, but the evidence so far seems to 
indicate that it holds in general. 

On this basis, the probable resistance of Diesel 
fuels to detonation or knocking can be predicted at 
least to some extent. We would expect Diesel fuels 
from paraffin base crudes to be superior to asphaltic 
base fuels, and fuels from straight distillation to be 
better than those from cracking plants. However, 
much further study of the problem remains. 

Following the publication of the work of Boerlage 
and Broeze, study of Diesel knocking phenomena 
was intensified. Pope and Murdock‘ had already pre- 
sented the “Critical Compression Ratio” method of 
rating Diesel fuels. Their method consisted in de- 
termining with a special variable compression en- 
§ine the lowest compression ratio at which the fuel 
would tire. This was very closely a measure of the 


spontaneous ignition temperature as the better fuels 
would fire at the lowest ratios, corresponding to the 
lowest compression temperatures. Hence, this meth- 
od is at once evidence of the close relation of low 
spontaneous ignition temperature and satisfactory 
combustion in the cylinder. 


Moore and Kaye’® have developed a table of cetene 
numbers correlated with A. P. I. gravity and Say- 
bolt viscosity, Becker and Fischer® have presented a 
Diesel Index method of rating fuels based on the 
Aniline Point and A. P. I. gravity, and many others 
have contributed important papers toward a solution 
of the problem. 


More recently a volunteer group under the chair- 
manship of T. B. Rendel**®-has been concentrating 
on the development of a satisfactory method of rat- 
ing Diesel fuels. Their work has centered around 
the perfecting of a method of using the Diesel con- 
version of the C. F. R. engine. The details of pro- 
cedure are gradually being ironed out, and in general 
the method is quite similar to the octane rating of 
gasoline by the C. F. R. method. A modified bounc- 
ing-pin system is used to indicate the point where 
pressure rise above the compression line begins, and 
a knock meter indicates the severity of knocking. 
However, the method has not yet been standardized, 
and experimental variations of the method are being 
made to determine the possibility of improvements. 

Cetene has now about been displaced by cetane, 
and alpha methylnaphthalene is: being used in place 
of mesitylene. Cetane (C,, H,,) is a saturated 
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FIGURE 7 


Indicator Cards from a High Compression Diesel Engine. 
Note the Increasingly Wavy Line with Decrease in Load. 
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straight-chain hydrocarbon, and alpha methylnaph- 
thalene (C,, H, — * — C H,) is a compact double- 
ring hydrocarbon of the series C, Hn,-,.. Cetane has 
excellent combustion characteristics, alpha methyl- 
naphthalene burns very poorly, and by definition: 
The cetane number of a Diesel fuel is the percent by 
volume of cetane in a mixture of cetane and alpha 
methylnaphthalene which will give the same igni- 
tion lag as the Diesel fuel. 

As in the case of pure iso octane and normal hep- 
tane, cetane and alpha methylnaphthalene are ex- 
pensive, and to reduce the cost of Diesel fuel knock- 
rating work, secondary reference fuels are being 
developed by the above mentioned volunteer re- 
search group. Such secondary fuels will doubtless 
be used for routine knock rating of Diesel fuels in 
much the same way that secondary reference fuels 
now are used to rate gasolines. 

Whether or not cetane number will eventually 


equal octane number in importance cannot be stated, 
but a recent survey by Hubner and Murphy® showed 
that the majority of manufacturers of medium- and 
high-speed Diesels regarded “ignition quality” as 
first in importance in fuel specifications for their 
engines. 
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FIGURE 8 
Variation of Exhaust Temperature with Load for a High Compression Diesel Engine 
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I. N. BEALL 


Chemical Engineer. 


HE hydrocarbons of natural gas are particularly 

suitable as basic raw materials for the manu- 
facture of organic chemicals. Their abundance, low 
cost and relative ease of separation into substantially 
pure compounds by fractionation make them espe- 
cially attractive for chemical processing. 


CHLORINATED DERIVATIVES 


All of the hydrocarbons of natural gas react with 
chlorine under various conditions, yielding hydro- 
chloric acid gas and chlorinated derivatives. Many of 
these chlorinated derivatives are of themselves of in- 
dustrial importance. 


The four chlorinated derivatives of methane are 
methyl chloride, methylene dichloride, chloroform 
and carbon tetrachloride. Methyl chloride is exten- 
sively used as a refrigerant, methylene dichloride is 
used as solvent for fats, oils, and resins, chloroform 
is used as an anaesthetic and also as a solvent and 
extraction agent for resins, rubber, sulfur, alkaloids, 
etheral oils, fats, etc., and carbon tetrachloride finds 
wide use as a dry-cleaning fluid, solvent and extrac- 
tion agent. The field of use for all of the chloro- 
derivatives of methane appears to be rapidly extend- 
ing. An example is the new refrigerant “Freon”, 
produced from carbon tetrachloride by the action 
of antimony trifluoride in the presence of antimony 
pentachloride. The reaction is 


(SbC1s) 
CCi+2 SbF; — 3C ClaF2 + 2 SbCI1; 


The chemical designation is dichlorodifluoromethane. 
Carbon tetrachloride is also used as a fire extinguish- 
er as the vapors are non-inflammable. 


Ethane reacts more easily with chlorine -than 
methane. It is possible to chlorinate ethane in the 
presence of methane without appreciable chlorina- 
tion of the methane. There are six possible chloro- 
derivatives of ethane, namely, ethyl chloride, di- 
thlorethane, trichlorethane, tetrachlorethane, penta- 
thlorethane and hexachlorethane. 


_ Ethyl chloride finds use as a local anaesthetic. It 
is also used as a refrigerant. Dichlorethane, or in 
more common parlance, ethylene dichloride, has 
found considerable use in the manufacture of lac- 
quers and as an intermediate for the production of 
ethylene glycol which is used as an anti-freeze under 
the trade name of “Prestone”’. The uses of this 
material are increasing. Because of its relatively 
high toxicity to insects as compared to humans its 
ise as a fumigant appears promising. It has high 
solvent properties and its use for the separation of 
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paraffin waxes from mineral oils has been suggested. 
It is also used as a dry-cleaning agent either alone 
or admixed with carbon tetrachloride, etc. Rubber- 
like compounds and plastic materials have been 
made using ethylene dichloride as one of the reac- 
tion ingredients. The future of this chloro-derivative 
seems particularly bright and it is likely that the. 
demand will greatly increase. Most of the ethylene. 
dichloride now used is obtained from the chlorina- 
tion of ethylene occurring in fixed gases from vapor- 
phase cracking. 

The possible uses of trichlor- and pentachlorethane 
appear not to have been very thoroughly investi- 
gated. Insofar as can be ascertained their properties 
are somewhat similar to ethylene dichloride. Tetra- 
chlorethane or acetylene tetrachloride is how manu- 
factured on an industrial scale. Quotations are $0.085 
per pound in 50-gallon drums. This material is 
among the best of the organic solvents. Hexachlor- 
ethane is a white solid material with a distinctive 
odor. Recently, this material has received consider- 
able mention as a substitute for oil in the war on 
mosquitoes. When sprinkled over water it is said 
to be at least equally effective as oil with the de- 
cided advantage of being harmless to aquatic life. 
This material already has been produced on a large 
scale by passing acetylene into sulfur chloride al- 
ternately with chlorine. It is also obtained from 
acetylene tetrachloride by direct chlorination in the 
presence of light. Jones, Allison and Meighan, U. S. 
Bureau of Mines Technical Paper, 255, 1921, found 
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that natural gas containing about 10 percent ethane 
when passed over porous charcoal at 250°C yielded 
hexachlorethane as the principal chlorination prod- 
uct of ethane. This process should be of more in- 
terest at present as chlorine is now cheap and there 
is a demand for the product. 

Propane chlorinates more readily than methane 
or ethane. Where the chlorine raction is not care- 
fully controlled a complex mixture of chlorides re- 
sult. There are two of the monochlorides—normal 
propylchloride and isopropylchloride. These are clear 
colorless liquids with boiling points of 116°F. and 
95°F. respectively. 1, 2 Dichloropropane is also a 
colorless liquid with a normal boiling point of 206°F. 
This material has possibilities as a dry-cleaning 
fluid, solvent and as an intermediate for chemical 
synthesis. The great number of chloropropanes pos- 
sible offer practically a virgin field for investigation 
and development. As intermediates for the manufac- 
ture of the corresponding propyl alcohols, the mono- 
chlor derivatives, of which there are three, are of in- 
terest. The difficulty so far seems to have been in 
obtaining fractions of sufficient purity for this pur- 

ose. 

: Recently, Hass, McBee and Weber, Journal Ind. 
and Eng. Chem. Vol. 28, No. 3, pp. 333-9, have devel- 
oped a method “for calculating from the structural 
formula of any paraffin hydrocarbon the percentages 
of its various isomeric monochlorides obtainable by 
non-catalytic chlorination at temperatures from 
—65°C. to + 100°C.” The calculated and observed 
results check well. This work is a distinct and valu- 
able contribution to the scanty literature in the field 
of chlorination of the simple paraffin hydrocarbons. 
The best ratio of propane monochlorides to polychlo- 
rides appears to have been obtained at 60°C. in the 
dark using an HC: Cl, ratio of 9. 

The chlorinated derivatives of isobutane are also 
of industrial interest. Large quantities of isobutane 
are present in some “raw” natural gasolines. It is 
undesirable as a constituent of motor fuel but valu- 
able as a bottled fuel gas. Other more profitable 
outlets for this hydrocarbon would be highly desir- 
able. This hydrocarbon can be chlorinated under 
controlled conditions to yield the monochlor and 
polychlor compounds. The monochlor compounds 
can be hydrolyzed to the corresponding alcohols for 
which there is a limited but definite demand. Devel- 
opment of uses for the derivatives of isobutane has 
scarcely been touched. Normal butane also yields the 
monochlor and polychlor derivatives which may 
also be hydrolyzed to corresponding alcohols. 

Industrial development in the field of chlorination 
of the pentanes has been much greater than for the 
other natural gas hydrocarbons. The pentane frac- 
tion of natural gasoline is chlorinated to yield mixed 
amyl chlorides which are hydrolyzed for the produc- 
tion of the amyl acetates. The procedure used has 
been described by Ayres, Jour. Ind. and Eng. Chem. 
Vol. 21, p. 899, 1929 and Clark, Jbid, Vol. 22, p. 
439, 1930. Briefly the process is carried out as follows: 
A fraction of natural gasoline boiling between 82°F. 
and 102°F. consisting of approximately equal por- 
tions of isopentane and pentane is vaporized and the 
vapors continuously admixed with chlorine during 
passage through a pipe still. The amyl chlorides re- 
sulting are condensed together with pentanes, the 
pentanes being fractionated from the mixture and re- 
cycled to the system. The amyl chlorides which are 
recovered in the substantially pure state are hydrol- 
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ized with caustic and sodium oleate solution to yield 
the mixed amyl alcohols. Hydrochloric acid which 
is a by-product of the reaction is recovered by ab- 
sorption in water and sold as muriatic acid. 

The hexanes, heptanes, octanes, etc., are all very 
readily chlorinated. Development in this field has 
been very slight. The industrial possibilities are very 
interesting from the standpoint of utilization of raw 
materials for drying oils, plastic, fatty acids, soaps 
and other synthetic chemicals. Some of these chlori- 
nated derivatives of the higher paraffin hydrocarbons 
have been described as suitable for fire-proofing 
fabrics, Ellis, U. S. Patent 1,248,638, Dec. 4, 1917. 


OLEFINS 


The olefins may be produced from the paraffins by 
the elmination of two hydrogens. Thus ethane, C,H,, 
becomes ethylene, C,H,, propane, C,H, becomes 
propylene, C,H,, butane, C,H,, becomes butylene, 
C,H,, etc., up the series. The olefines are of interest 
because of their increased chemical activity over the 
paraffins and their ability to polymerize- and form 
additional products with other hydrocarbons. The 
hydrocarbons of this homologous series are found in 
the gases from oil cracking which at present consti- 
tutes their most prolific source. 

Theoretically at least ethane would seem to be the 
ideal raw material for the production of ethylene. 


C. He ~C.H; + Hs 


It is stated to be a product of the reaction of ethane 
with chlorine. 


C:He + Cl: > C:H;sCl + HCl — C.H, + 2 HCI. 


Hoss, McBee and Weber (previous reference) state: 
“A reaction mechanism which is consistent with all 
of the writers results is the following: 


RH + Cl— > R— + HCI 
R+ CL “=” RCl1+ Cl 


The R signifies the alkyl radicle and R— the insat- 
urate or olefin. Other investigators have noted the 
presence of olefins in the product from the pyrolysis 
of the monochlorparaffins. 

Ethylene, when absorbed in sulfuric acid yields 
ethyl sulphuric acid which on hydrolysis is con- 
verted into ethyl alcohol. The absorption of ethylene 
to form ethyl sulfuric acid takes place best at 110° 
C. to 120° C. The use of 5 percent of cuprous oxide 
in 95 percent sulfuric acid greatly favors the absorp- 
tion of ethylene and inhibits the formation of di- 
ethyl sulfate. Reaction takes place best at around 
100° F. to 110° F. Yields are stated to be as high as 
94 percent. The di-ethyl sulfate is undesirable be- 
cause of the difficulty of hydrolyzing to ethyl alcohol. 

Propylene yields isopropyl sulphuric acid when 
reacted with diluted sulfuric acid. The concentrated 
sulfuric tends to produce tars and polymerization 
products. The rate of absorption of propylene im 
sulfuric acid is much faster than the rate of absorp- 
tion of ethylene. On hydrolyzation isopropyl sulfuric 
acid yields isopropyl alcohol. Isopropyl alcohol may 
be made into acetone by oxidation in the presence 
of copper. 

There are three butylenes—the normal and two is0 
compounds. All show a marked affinity for sulphuric 
acid forming the corresponding alkyl sulphuric esters 
which on hydrolyzation yield alcohols. Isobutene yields 
teritiary butyl alchol and butene-1 and butene-2 yield 
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secondary butyl alcohol. Isobutene is the most reactive 
of the three butylenes toward sulfuric acid. Absorption 
in sulfuric acid of 58 to 76 percent strength takes place 
between 20°C. and 30°C. 

Butylene is stated to combine with acetic acid yielding 
butyl acetate. (Brit. Chem. Abs. B. 1930, p. 359.) The 
reaction is conducted’ in an autoclave in the presence of 
sulfuric acid using iron cyanides as catalysts. Butyl 
acetate is used in the manufacture of lacquers also as 
a solvent and chemical intermediate. There are five hy- 
drocarbons of the formula CsHw which are derived from 
the pentanes by separation of two hydrogens. These 
compounds are known as the pentanes or amylenes. 
Norris and Joubert, Journ. Amer. Chem. Soc. Vol 49, 
p. 873, 1927, reported the results of extensive investiga- 
tions on the preparation and properties of the amylenes. 
The order of reaction of the five amylenes with sulfuric 
acid was stated to be as follows: (1) trimethylethylene 
(2) unsymmetrical methyl ethyl ethylene (3) symmetri- 
cal methyl ethyl ethylene (4) pentene-1 and (5) isopro- 
pylethylene. Stronger sulfuric acids caused polymeri- 
zation. The best results insofar as yields of alcohols 
were concerned were obtained using acid of just suffi- 
cient strength to effect absorption. Tertiary amyl alcohol 
was obtained from trimethyl ethylene by shaking suc- 
cessive amounts with 46 percent sulfuric acid and then 
extracting with ether or by adding ammonium sulfate. 
These investigators also obtained alcohols from pen- 
tene-1 and pentene-2 by absorption in 84 percent sulfuric 
acid then diluting with 8 volumes of water and distilling. 

The treatment of the higher olefins with sulfuric 
acid by varying concentrations has been the basis of 
numerous patents covering industrial methods for the 
production of the corresponding secondary and tertiary 
alcohols. The principal steps appear to be as follows: 
(1) absorption of the olefin in sulfuric acid, the tem- 
perature and concentration of which is carefully con- 
trolled (2) dilution of the absorption mixture with 
water to effect hydrolyzation of the alkyl esters to al- 
cohol (3) separation of the mixed alcohols by distilla- 
tion and (4) separation of the individual alcohols by 
fractionation. Due to the low cost of sulfuric acid and 
the possibilities of its recovery, reconcentration, and re- 
use, the development of processes along these lines be- 
comes attractive industrially. 


At present the best established source for the unsat- 
urates or olefins is to be found in the gases from vapor- 
phase oil cracking processes. However, the pyrolysis of 
natural gasoline fractions offers possibilities especially 
from the standpoint of producing substantially pure ole- 
fins. Controlled chlorination or oxidation of the paraf- 
fins in accordance with the general reactions. 


CaHm + 2+ Ch — C.2Hm + 2 HCl 
Paraffin Olefin 
2 Cc Han +2 + O: =o 2 Ca Han + 2 H.0 


also appear promising. The silent electric discharge 
which was discussed in a previous article in connection 
with methane may also have possibilities for the pro- 
duction of olefins when the applications become fully 
understood and developed. (Refiner, Vol. 15, No. 7, 
June, 1936, page 264.) 

The formulae of the monohydric alcohols differ from 
the formulae of the corresponding paraffins by one 
atom of oxygen. The difficulty is to introduce the oxy- 
gen without disruption of the molecules and to prevent 
lormation of undesirable compounds. Reaction of me- 
thane with oxygen tends to take the direction of oxi- 
dation through formaldehyde, carbon monoxide and car- 
bon dioxide, thus 
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PARAFFIN MONOHYDRIC ALCOHOL 

Name Formula Name Formula 
PIES Sy ans 006 85.05% 0 CH4 Methyl alcohol....... CH3:0H 
| ere ene © CeHse Ethyl alcohol. ....... C2HsOH 
PRN atk S ocean ae C3Hs Propyl alcohol. ...... CsH7OH 
WSS itionte ce cake CaHio Butyl alcohol........ C4sHsOH 
A Se! ree CsHie2 Amyl alcohol........ CsH110H 
Amy Pare. 5 os 60's CaH2n+2 Any monohydric alco- 

en FRR Ss Se Cc nHan + 10H 














1. CH, + O: —~ H:CHO + H:O 
Formaldehyde 
2. 2H.CHO + O, ~ 2 CO + 2 H:O 
3. 2CO-+ 0, ~ CO, + H:0 
rather than 
2 CH, + O: > 2 CH;OH 
Methyl alcohol 


TABLE 1 


An inspection of the Table 1 might lead one to con- 
clude that the preparation of an alcohol from a paraffin 
could be easily accomplished by the direct introduction 
of oxygen. A review of the technical literature re- 
veals that many able chemists have tried just that and 
failed. One fruitful procedure has been to first pre- 
pare the chloro derivative and then hydrolyze the chlor 
derivative to the corresponding alcohol. Thus for ex- 
ample, ethane to ethyl alcohol: 


C,H. + Cl. > C:H;Cl + HCl 
2 C.H;Cl + Ca (OH): — 2 C:H;OH + CaCl, 


Theoretically, the following raw materials would be 
required for the preparation of 1 gallon (7.54 pounds) 
of ethyl alcohol. 


Ethane 4.82 pounds. 
Chlorine 11.64 pounds. 
Calcium hydroxide 6.07 pounds. 


4.82 lb. ethane X 0.005 = $0.0241 
11.64 lb. chlorine XX 0.02 = 0.2328 
6.07 lb.Ca (OH)2 & 0.008 = 0.0486 

Total $0.3055 


By-products: 


6 lb. hydrochloric Acid Gas * 0.05 = 0.300 
9.1 lb. Ca (OH): < 0.01 = 0.091 
Total = $0.391 
Difference between cost of raw materials and 
value of by-products $0.085 
One gal. alcohol 0.38 
Profit = $0.465 


Actual yields and cost of processing would materially 
reduce the theoretical figure, but the margin of profit 
is sufficiently wide to warrant consideration from the 
standpoint of process development. Chlorine is easy 
to handle provided the necessary precautions are taken. 
When dry it is non-corrosive to iron and it is shipped 
in iron tank cars. Hydrochloric acid which is always 
obtained in the gaseous form as a by-product of the 
dry chlorination of paraffins is also non-corrosive to 
iron when free from moisture. Hydrochloric acid is 
soluble in water, the solutions of which are known as 
muriatic acid, the ordinary 22° Be acid contains be- 
tween 35 percent and 36 percent HCl and is shipped 
in rubber-lined wooden or iron tank cars. It is also 
sold in glass carboys containing 115 to 125 pounds. 
Materials of construction for plants offer no particular 
obstacle. For the most part standard equipment could 
be used throughout. 


INDUSTRIAL CHEMICALS 


A considerable number of chemicals which may be 
derived from fractions of natural gas already have well- 
established markets and are widely used. The chlorides 
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of methane, ethane, propane and higher find use as re- 
frigerants, dry-cleaning fluids, solvents, extraction 
agents, chemical intermediates, reaction medium, etc. 
The monohydric alcohols include methyl and ethyl al- 
cohols and the higher alcohols such as isopropyl butyl, 
amyl and hexyl also have well-established markets. The 
ketones, among which is acetone, the lowest member of 
the series, are also in demand. Among the aldehydes, 
formaldehyde is of high commercial importance as a 
disinfectant and for reaction with phenol for the pro- 
duction of resins such as “Bakelite”. Acetaldehyde is 
also produced on an industrial scale. 

Of the organic acids, acetic acid has attained the 
greatest demand. This acid was at one time obtained 
exclusively from treatment of brown acetate of lime 
which was obtained from the liquors from the dry 
distillation of wood after treatment with lime. It is now 
produced synthetically on a large scale from acetylene 
which is obtained from calcium carbide. Acetaldehyde 
is produced by passing acetylene through 6 percent sul- 
furic acid containing mercuric oxide which combines 
with the acid to form a catalyst. The acetaldehyde is 
then oxidized to acetic acid by passing its vapors to- 
gether with acetylene oxygen and steam over certain 
mercuric salts at temperatures between 100°C. and 200° 
C. (Jockheim, U. S. Pat. 1,828,372, Oct. 20, 1931.) In 
this connection it is interesting to note that acetalde- 
hyde may be obtained by the restricted oxidation of 
natural-gas fractions, such as ethane and propane. 


CsHs + O. — CHsCHO + H:0 


When acetaldehyde combines directly with oxygen a 
colorless, explosive liquid known as peracetic acid is 
produced. The tendency of acetaldehyde to form this 
acid has been one of the greatest obstacles in the way of 
commercial development. The reactions are 


CH; CHO + O, — CH;.CHO.O: 
(80°C.—100°C.) 


On heating peracetic acid decomposes to yield acetic 
acid and oxygen in accordance with the reaction 


CH;.CHO.O: — CH; COOH + O 


Peracetic acid aceticacid oxygen 


It combines with acetaldehyde to form acetic acid as 
follows: 


CHs. CHO.O: + CHs.CHO — 2 CH; COOH. 


Numerous processes have been devised and proposed 
for the oxidation of acetaldehyde to acetic acid to avoid 
explosion. Catalysts are used to convert the peracetic 
as rapidly as formed into acetic acid. One promising 
method is to dissolve acetaldehyde in acetic acid in an 
agitated reaction kettle and pass air into the mixture 
under pressure. Another method is to use an oxidizing 
tower through which a liquid mixture consisting of 
acetic acid and acetaldehyde is passed counter-current 
to air which passes up and out the column. The liquid 
products consisting of acetic acid and peracetic passes 
from the base of the column as formed to a heating 
vessel where any peracetic in solution is converted to 
acetic acid. (Guyot, U. S. Pat. 1,409,089, 1922.) 
Methanol, or in common parlance, wood alcohol has 
numerous uses. It is used as an industrial solvent in the 








paint and varnish industry, as a raw material in manu- 
facturing chemical products, and other miscellaneous 
applications such as for anti-freeze, as a denaturant for 
ethyl alcohol, as a “spotting” fluid for dry cleaning, 
and for the separation of arsenic from antimony. Its 


present price is around 35% cents per gallon. Methanol | 


can be produced from methane, which is the principal 
constituent of natural gas (1) by chlorination to methyl 
chloride and reacting the methyl chloride with calcium 
hydroxide (2) by restricted oxidation of methane to 
formaldehyde and reduction of formaldehyde to methy] 
alcohol by hydrogenation and (3) by restricted catalytic 
oxidation. So far as is known methanol is not produced 
on a large scale from natural gas. 

Ethyl alcohol is used extensively other than as a 
beverage. As a raw material for chemical processing it 
is used for the manufacture of ether, ethylene, chloro- 
ethane, acetaldehyde, acetic acid, chloroform, chloro 
hydrate, ethyl aniline antipyrine etc. It is used as a sol- 
vent for gums and resins, soap, essentials oils, oils and 
waxes, purification processes, crystallization processes, 
cleaning processes, nitrocellulose dyes, etc. ad infinitum. 
Ethanol (ethyl alcohol) can also be made from natural 
gas (1) by restricted oxidation of ethane to acetalde- 
hyde and reduction of acetaldehyde to ethyl alcohol by 
hydrogen (2) chlorination of ethane to ethyl chloride 
and reaction of ethyl chloride with calcium hydroxide to 
ethyl alcohol (3) pyrolysis of ethane to ethylene, sulfon- 
ation of ethylene to ethyl sulfuric acid, hydrolysis of 
ethyl sulphuric acid to ethyl alcohol and recovery by 
distillation and fractionation and (4) restricted catalytic 
oxidation. Denatured ethyl alcohol is quoted from 28 to 
40 cents per gallon for 95 percent. 

Isopropyl alcoho!, butyl and isobutyl alcohol, the amyl 
alcohols and hexyl alcohols are all produced on an in- 
dustrial scale. 

Isopropyl alcohol in carload lots is quoted at $0.55 
per pound, isobutyl alcohol $0.11 to 0.12, butyl $0.09% 
to $0.101%% pound, isoamyl $0.27 to $0.32, amyl from 
pentane $0.143 to $0.157 and normal propyl at $0.75 
per gallon. Secondary hexyl alcohol is quoted at $0.11% 
to $0.12% per pound and normal hexy] at $3.25 to $3.50 
per pound. 

Formaldehyde is another possible derivative of nat- 
ural gas for which there is widespread use. This sub- 
stance has direct industrial application to the leather 
and textile industry for tanning leather and stiffening 
and glossing agents for textiles. It is used as a chemical 
intermediate for the manufacture of dyes and synthetic 
resins. Formaldehyde also has important industrial use 
as a general domestic form and medicinal disinfectant. 
This material may be produced from natural gas by re- 
stricted oxidation. 


Acetone may also be produced from natural gas by 
the route propane—propylene, propyl sulfuric acid, is0- 
propyl alcohol, then oxidizing the isopropyl alcohol to 
acetone. This method of oxidizing isopropyl alcohol to 
acetone was developed during the late war when there 
was great demand for acetone in the manufacture 0! 
airplane “dope”. It is used by the paint and varnish in- 
dustry, the cellulose acetate and nitrate industry as 4 
processing solvent, and, in medicitie and chemical analy- 
sis. 
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CARL W. BERGER 
Research Chemist, Globe Oil & Refining Co. 


McPherson, Kansas 


URING the past few years, several very illuminat- 

ing articles have been published concerning the 
nature of photo-chemical phenomena with respect to 
petroleum distillates. Considerable research has been 
carried on for the purpose of determining the types of 
hydrocarbons and hydrocarbon derivatives present in 
petroleum fractions that are adversely affected by the 
various light components of the sun’s spectrum. There 
have been experiments conducted to find methods for 
manufacture of glass that would shield distillates from 
the rays of the sun. Certain inhibitors have been sought 
and found that were effective in improving sun-stability. 
There are, of course, many factors yet unsolved in the 
problem yet a good start has been made. 

Outlining pertinent available information very briefly, 
the following statements can be made: 

(1) Free sulphur, disulphides, and polysulphides are 
probably the worst offenders to good sun-stability found 
in refined gasolines. The author has repeated exhaust- 
ively, the interesting experiments of Egloff, Morrell, 
Benedict and Wirth,’ eliminating one group of sulphur 
compounds after another, in the laboratory, and de- 
termining the effect on the sun stability of the gasoline. 

(2) Cracked gasolines usually are affected by sun- 
light in a different manner from straight-run gasolines. 
They simply darken and go off color gradually, form- 
ing gum and acidic bodies, whereas straight-run gas- 
olines that are unstable first form a white cloud or 
haze and finally darken, depositing gum and acid. It is 
this haze and subsequent darkening that is so objection- 
able when viewed in a visible-bowl dispensing pump. 

(3) Some color inhibitors, such as the tertiary 
amines, have proven quite valuable in preventing, or at 
least slowing up, photo-chemical reactions. These are 
more effective in the cracked gasolines than in the 
straight-run. 

Thus, briefly, is the case outlined against instability 
to sunlight on the part of refined gasolines. No at- 
tempts have been made to discuss the question from the 
standpoint of different types of crude oils, method of 
treatment, etc. Inasmuch as most cracked gasoline made 
today is dyed before sale or if not, could be easily in- 
hibited against poor stability, let us eliminate cracked 
gasoline, and consider only straight-run gasoline now 
almost universally sold without heavy treatment except 
lor sweetening, and sold undyed or water-white. Fur- 
ther, let us consider the problem from the standpoint 
of the refiner only. What can he do to improve the 
sun-stability of his straight-run gasoline? What simple 
tests can he make in self protection, what simple im- 
provements can he outline? In other words, what are 
the practical aspects of sun-stability? 


TEgloff, Morrell, Benedict and Wirth, Ind. Eng. Chem., 27, 323 (1935). 


Practical Aspect 
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The first step is to find out whether or not the 
straight-run manufactured in the plant is sun-stable. If 
it is not, it is wise to test its degree of instability. This 
can be done by exposure of four-ounce sample bottles 
of the gasoline in question to sunlight and noting the 
time required, under similar severity of sunlight, for the 
product to form a haze, and likewise to check the drop 
in color in measured increments of time. This step can 
be performed more precisely in a carbon arc “sun ma- 
chine” with provisions for water jacketing the samples. 

The next step is to determine whether or not the 
straight-run gasoline is stable as it comes from the plant 
topping unit flash tower or bubble tower. All but a very 
few gasolines will be stable in this stage. If however, 
the gasoline is unstable here, it is advisable to hand 
sweeten a sample, being careful to use the least possible 
amount of sulphur, and sun-test it. If still unsatisfac- 
tory, a laboratory crude distillation should be made to 
determine if the fault lies in the plant practice of frac- 
tionation. Excessive heat applied to the crude some- 
times causes mild cracking with resultant instability. 

It is a rather strange feature of this problem that a 
small amount of cracked material may throw off 
straight-run gasoline. The cracked gasoline itself may 
show good stability but blended with a larger portion 
of straight-run, cause the latter to form the character- 
istic haze. It is almost as if the cracked material con- 
tained sufficient natural inhibitor to protect itself, but 
upon dilution with straight-run, cause the blend to fail. 

Now, assuming that the. straight-run gasoline has 
been proven stable up to the sweetening plant, trouble 
is likely to be encountered at this point. A check on the 
sweetening plant should be made by treating hand sam- 


411 













ples both with fresh doctor (if the doctor treating sys- 
tem is used) and with some of the plant doctor solu- 
tion. A gasoline that is sun-stable when sour should 
be sun-stable after sweetening if the sweetening is done 
properly. 

Two important sources of trouble in sweetening to 
sun stability are first, that too much free sulphur is be- 
ing used, and second, that the plant doctor is contami- 
nated with cracked gasoline residues, phenols, or soluble 
sulphur compounds. 

Gasoline can be corrosion free and _ still contain 
enough free sulphur to cause instability to sunlight. 
Methods of sulphur addition, type of sulphur used, oxi- 
dation of hydrogen sulphide in run-down tanks, methods 
of checking treater streams, and other similar factors 
will bear investigation should this prove the cause of 
poor stability. Removal of the free sulphur in the lab- 
oratory with metallic mercury, with subsequent sun 
testing is suggested for proving the cause of trouble. 

Checking sun tests after treating hand samples care- 
fully with both plant doctor solution and fresh doctor 
solution will indicate whether or not the source of poor 
sun-stability lies in the plant doctor. If so, there are 
several factors to consider. Cracked gasoline residues 
and decomposition products must be kept away from 
the straight-run gasoline. Segregation of the doctor 
used for straight-run is effective but may be trouble- 
some. The most satisfactory method would be to insure 
proper doctor reclamation by the installation of one of 
the modern emulsion-breaking and low-temperature re- 
generating systems now on the market. 

Still another phase of sweetening to good sun-sta- 
bility lies in the manner the gasoline is washed after 
treatment. Some refineries wash their sweetened prod- 
ucts with water, while others do not. In most cases a 
water wash improves the sun test regardless of the con- 
tention that a slight alkalinity improves stability. 


Even after the straight-run gasoline has been made 
stable as it leaves the sweetening plant, it may or may 
not prove so in the plant storage tanks. This phe- 
nomenon can arise from at least two sources. First, the 
straight-run gasoline may become contaminated with 
cracked gasolines in traveling 
through the plant pumps, 
lines, and manifolds. That 
such contamination could or 
would throw the stability off 
in any one plant should be 
checked by running sun tests 
on various blends of the 
plant’s cracked and straight- 
run gasolines. The chemist 
must not be misled by the ap- 
parent stability of each com- 
ponent of the blend. Each 
may be stable itself and the 
blend still be poor. This pe- 
culiarity has been mentioned 
previously. 
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A still more serious source of contamination which 
causes no end of trouble with sun stability arises from 
the usual plant practice of blending straight-run as well 
as cracked gasolines to seasonable volatility require- 
ments with recovery gasoline. The recovery gasoline 
manufactured in most refineries is a mixture of natural 
gasoline from the topping plant debutanizing equipment 
together with condensed and stabilized vapors from the 
cracking system. Plant-pressure distillate may or may 
not be stabilized before treating to color or gum specifi- 
cations. The result is that most likely, refinery recovery 
gasoline contains a good deal of untreated or partially- 
treated cracked gasoline light ends. These light ends are 
a source of poor stability when blended with straight- 
run gasoline. They usually contain large quantities of 
disulphide sulphur and quite frequently lack color sta- 
bility to sunlight both in the sour or the sweetened 
state. Sweetening could not be expected to reduce di- 
sulphides; it rather increases them to the extent that 
mercaptans are changed to disulphides. 

It is possible to treat out the disulphide sulphur, even 
to fractionate out most of it, but the former process 
is usually too expensive, the latter not dependable. 


There is one method of overcoming this difficulty, 
and that is to simply not blend recovery gasoline from 
cracked vapors with the plant straight-run gasolines. 
This is easily done in a plant where insufficient recov- 
ery is made to properly blend the refinery production 
of gasoline. In this case, the natural gasoline purchased 
can be used for straight-run blends while the plant re- 
covery is used for cracked-gasoline blends. In a plant, 
however, where sufficient recovery is made, the prob- 
lem resolves itself into either treating the recovery sun- 
stable with acid or other refining agents, or else keep- 
ing the natural gasoline from the crude debutanizing 
equipment separate for straight-run blending. This 
latter procedure is not as difficult as one would expect 
since this natural recovery often needs little or no sta- 
bilization and is easy to sweeten if it needs sweetening 
at all. The step will likewise insure a better odor for 
the finished straight-run gasoline. 

The outline given in this paper for running down 
and eliminating sun-stability 
problems has been designed to 
help those faced with this 
problem. It involves consider- 
able work and may involve 
some expense, but should pay 
dividends in quality products. 
There are still a good many 
visible-bow] dispensing pumps 
in service over the country, 
and one only needs to give 
them a cursory glance to see 
how very bad they appeaf 
when containing white gas 
oline that is not color-stable 
to sunlight. 
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are Li 
zht- if 
; of te 
sta- ae ; ie 
ned ACUUM distillations in the laboratory are more aw tH 
di- or less readily carried on at pressures from 50 ey ee te 
that mm. of mercury up, because under these conditions be 

the vapor flowing is sufficiently dense to carry to the he 
ven condenser a reasonable volume of liquid in a short i" \ iF 
cess period. As the pressure is lowered, however, it be- Hs 

comes increasingly difficult to obtain a sufficient Q bf 
iIty, quantity of distillate without prolonging the time HY ia 
rom indefinitely. Upon various occasions it has been nec- I 4 
nes. essary in this laboratory to vacuum distill crude HH 
nd bottoms for the production of penetration asphalts Hit <> eani@enile e 
aa without cracking. This was found to be an extremely HH 1 
om tedious and oftimes impossible task with the ordi- il q 
ant, nary distillation set up. A new type of apparatus was u ‘ 
-ob- therefore sought which would overcome the diffi- TT : 
un- culty of the conventional set-up when applied to rT a 
eep- vacuum distillations. Figure 1 shows the result of LH # 
Zing designing a flask to particularly fit the needs above TT 4 
his mentioned. In this flask the vacuum is applied at the rT f 
pect top of the condenser. The charge to the still can be if i 
rs drawn in through the draw-off at the bottom. This il " 
rh draw-off may be shut off either by means of a stop- u q 

cock or by means of a heavily filled rubber tubing il 4 
om which is closed with a screw clamp. The tubing was ies uu #, 4 
ility found more satisfactory than the stop-cock, there i 4 
d to being much less danger of loosening and leaking z TH | 
this during distillation. The vapors produced in the flask 1 i 
der- obviously pass the trap ring and are either condensed 4 
olve on the walls above it or by the condenser. The liquid : 
pay then flows through the trap? and delivery tube into trap C. : | 
acts. any type of receiver suitable for vacuum distillation. etsweny Sete H 
any The advantages of this type of apparatus over the ft 
mps @ conventional type may be seen readily; namely, the F 
itty, ff short distance between the distillation surface and i 
give condensing surface, and the distillate is under higher To receiver i 
) See @ pressure than the evaporating liquid. 4 
“a In the ordinary set-up for vacuum distillation, a } 
sb conventional type of distilling flask is used in con- ‘ 

nection with a Leibig or similar type of condenser. 

For purpose of comparison, Figure 2 shows the con- y 

ventional set up. H 

_ It will be noted that the vacuum obtainable in the } 

tlask of Figure 2 will be the vapor pressure of the l 

distillate and the pressure drop through the con- 

denser system and distilling flask delivery tube. 

Under ordinary conditions of operation at, for in- dten one 

stance, atmospheric pressure, this pressure drop is 

so small as to be counted negligible. However, at FIGURE 1 

very low pressures this factor becomes increasingly 

mportant. The flow of gases and vapors through 
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tubes at low pressures can be represented by the law 
of molecular flow.? 


P,—P; 
—————=0Q 
w xVpDi 


where Q is the amount of gas flowing through any tube or 
opening in ml per second; P:—P; is the difference in pres- 
sure; p: is the density at one barye (one barye equals one 
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FIGURE 2 
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dyne per square centimeter; one centimeter of mercury 
equals 1.33322x10* dynes per square cm.) 


m 





a 
83.15 x 10° T 


where m is the molecular weight T is degrees absolute 
temperature; w is the resistance of tube opening. 

For a circular opening such as we have at the mouth of 
the flask in Figure 1 








3.184 
w= , for tube of diameter d and length |, 
d° 
2.394 1 3.184 
w= + 
d d? 


Assuming the still operating at 5 mm. Hg of pressure, the 
diameter of the vapor opening in Figure 1 is 45 mm. w for 
this opening then becomes 


3.184 = .1575. 
4.5° 





With the still operating at 5 ml. per minute and the gray- 
ity of the overhead at 12.2° A.P.I. which equals .986 spe- 
cific gravity, the vapor volume which corresponds to this 
equals 9400 ml. per minute or 1505 ml. per second which 
equals Q. 

323 


— 82x10” 





a 
83.15 x 10° 473 


substituting in the original equation we find 
P.—P, 
= 1505 


1575 x V 82x 10” 
with P=—5, P1505 x .1575 x V8.2x 1075: P=5.0214 





For the conventional type of distilling flask it is 
necessary for the vapors to flow through approxi- 
mately 10 cm. of the neck of the flask and 20 cm. of 
the side arm; the neck being 3 cm. in diameter and 
the side arm .8 cm. in diameter, the combined value 
of w in this case is 99.22. Therefore for a flow equiv- 
alent to the example above, the difference in pressure 
must be 13.545. It is now seen that for the design 

of Figure 1, distilling at the rate of 10 

ml per minute at 5 mm. pressure in the 
} | condenser, requires 5.0214 mm. pressure 
in the still. The usual type of distilling 
flask distilling 10 cc. per minute with 5 
mm. pressure in the condenser would re- 
quire 18.545 mm. in the still. A refer- 
ence to Figure 3 shows that in order 
to remove a fraction having the approxt- 
mate molecular weight of 323 would require a temper- 
ature of 460°F. to vaporize at a pressure of 5.02 mm. 
while with the conventional type of flask it would re- 
qeuire 550° for vaporization. 

This difference in temperature becomes wider as 
the pressure of distillation decreases and for the new 
flask at 1.02 mm. we have vaporization temperature 
of 412°F.; while for the conventional type the tem-- 
perature is 530°F. It can thus be seen that with 
heavy oils the span between the two flasks of ap- 
proximately 120° would mean the difference between 
cracking and not cracking. 


Asphalts have been made on this still without 
cracking to as low as 40 penetration. 
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- Water Softening with Lime 
and Soda Ash 


HAROLD BOTTOMLEY 
Research Chemist, Kanotex Refining Co. 
Arkansas City, Kansas 


VERYONE is familiar with the damage and ex- 

pense that hard water entails, especially when con- 
centrated several times and subjected to the high tem- 
peratures of a steam boiler. Probably there is no hard 
water that cannot be helped considerably by some sort 
of treatment, softening preferred. There are several 
means of obtaining this result but only one will be dis- 
cussed here—lime-and-soda-ash softening. 


Waters vary from locality to locality, probably no two 
being exactly alike. but the simple rules to be set forth 
below will very satisfactorily treat and make suitable 
for boiler feed almost any water that even approaches 
normality. In saying normal it might be well to explain 
that in any given type of water a fairly even proportion 
of scale-forming constituents will predominate, accord- 
ing to the type. The amounts of each may vary widely 
but the ratios will be roughly the same. 


The predominant scale-forming materials in the ma- 
jority of waters are soluble salts of calcium and mag- 
nesium, these being: calcium sulfate, bicarbonate, and 
chloride and magnesium sulfate, bicarbonate and chlo- 
ride. Some of these salts have limited solubility in cold 
water but yet are sufficiently soluble to impart exeremely 
high hardness to a water coming in contact with them. 
The scale-forming tendencies are due to the fact that 
when they are concentrated in the boiler they deposit on 
the boiler metal in any amount in excess of their solu- 
bility at the existing temperature. Iron, alumina, and 
silica are also scale formers but their existence is gen- 
erally of small magnitude and any treatment to reduce 
calcium and magnesium hardness will also remove them 
to a marked degree. Not all waters will contain all the 
above mentioned salts of calcium and magnesium but it 
is a safe assumption that the majority will contain some 
of them. It is possible by means of lime and soda ash 
to almost completely remove all calcium and magnesium 
salts and have a water with almost zero total hardness. 


The familiar reactions involved in softening with lime 
and soda ash are as follows: 


(1) Ca(HCOs)2 +. Ca(OH)2: —» 2CaCOs + 2H20 


Calcium Calcium 
Bicarbonate Lime Carbonate 
(2) CaSO. + NasCOs —» CaCOs + Na2SOz 
Calcium Sodium 
Sulfate Soda Ash Sulfate 
(3) CaCl + NasCOs —» CaCOs + 2NaCl 
alcium Soda Ash Salt 
Chloride 
(4) Mg(HCOs)2 + 2Ca(OH)2 —» 2CaCOs + Mg(OH)2 + 2H:20 
agnesium Lime alcium Magnesium 
Bicarbonate Carbonate Hydroxide 


(5), MgSO« + Ca(OH)s + NasCOs —> CaCOs + Mg(QH): + NasSO« 


agnesium ime Soda Ash Calcium Magnesium Sodium 
Sulfate Carbonate Hydroxide Sulfate 

(6) MgCle + Ca(OH)2 + NazCOs —» CaCOs + _Mg(OH)2 + 2NaCl 
agnesium ime Soda Ash Calcium Magnesium Salt 
Chloride Carbonate Hydroxide 


It will be seen that in reactions (1) and (4) lime only 
is employed and the precipitates are insoluble calcium 
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HE proper treatment of raw water to render it 
fit for boiler feed is a topic of no small propor- 
_= especially if one attempts to include all types 
of boiler installations and operation under one 
heading. The extremes in classification probably 
would be oil field steam generating units on one 
hand and large steam central-station plants on the 
other. The purpose of this discussion is to attempt 
to give some information that will aid the former 
class along with other installations of moderate 
size. The large plant has its water experts who know 
what to do and how to do it regarding a soft water 
supply, but the small plant operator often has to go 
by rule-of-thumb or merely use the water supply as 
is, whether hard or soft. 














carbonate and magnesium hydroxide. In these reactions 
no equivalent soluble salts are left in solution. In re- 
actions (2) and (3) where soda ash only is used, sodium 
sulfate and sodium chloride are the respective dissolved 
remainders. In reactions (5) and (6) both soda ash and 
lime are required for softening and again sodium sul- 
fate and salt are left dissolved in the boiler feed. These 
soluble salts of sodium are non-scale forming and serve 
only to increase the amount of boiler blow-down after 
they are concentrated in the boiler. 

It is evident from these reactions that if one knew 
the respective amounts of each scale-forming salt he 
would be able to approximate the lime and soda ash re- 
quirements. But since a complete laboratory analysis 
and hypothetical combination are necessary for such a 
calculation, the average operator of a small plant is at 
a loss. 

A method whereby only the magnesium end point, 
total hardness, phenolphthalein and methyl orange end 
points are necessary for calculating the approximate 
amounts of lime and soda ash will be given. A little 
explanation regarding the magnesium end point (abbr. 
M.E.P.) is timely here. In titrating a sample of water 
with soap solution, a point will be reached, if the water 
contains magnesium, where the lather breaks away com 
pletely and no amount of shaking will produce it for 
more than a few seconds, unless more soap is added. 
On some waters this point is difficult of ascertaining 
but on most normal waters is clear and distinct, if the 
hardness is run carefully and the additions of soap are 
made slowly between frequent and violent agitation of 
the sample. After the M.E.P. is reached the lather will 
slowly build up to permanency as the total hardness 
reached. 

A description of the reagents needed and the pro 
cedure is followed through to completion, using 2 
actual example to show the operation of the method. 

















The reagents needed are few and inexpensive. 

(1) Standard soap solution—any standard soap solu- 

er tion purchased from a reputable dealer will be 
satisfactory. 

(2) N/29.2 standard acid either HCl or H,SQ,. This 
may be prepared or purchased already stand- 
ardized. — 

1 (3) Phenolphthalein indicator—an alcoholic solution 
containing 10 grams of the salt per liter of 50 
percent alcohol. 

(4) Methyl Orange indicator—an aqueous solution 
—~ containing 1 gram of the salt per liter of dis- 
tilled water. 
| To obtain the M.E.P. and total hardness of the water, 
100 cc., if the hardness is 7 grains per gallon or lower, 
is measured into an 8-ounce bottle. If the hardness is 
suspected to be high use 10 cc. of the water in question 
and 90 cc. of distilled water. The final results will then 
be multiplied by 10, after subtracting the lather factor. 
On an unknown water add the soap solution in .5 cc. 


1The amount of soap solution required to cause 100 cc. of distilled 
water to form a 5-minute lather. 
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Two of the new polymerization units at the plant of the Phillips Petroleum Company 
at Borger, Texas, seen from the rear. These two units have a combined capacity of 
2,000 barrels of thermal process polymer gasoline per day. 


portions until some lather builds up but is still unstable. 
Then add in .1 cc. portions until the magnesium end 
point is reached. After this, -continue adding the soap 
until a lather is obtained that will last for 5 minutes with 
the bottle lying on its side. A little practice may be 
necessary for the exact determination of the M.E.P. but 


once the knack is acquired the operation becomes 
routine. 


The P. and M.O. readings are obtained in the usual 
manner, using a 100 cc. sample of water. The titration 
in cc. gives directly the results in grains per gallon as 
calcium carbonate. 


Example: Assume a water, the hardness of which we 
suspect is high. Use 10 cc. of it and 90 cc. of distilled 
water. Soap solution is added and at a reading of 4.5 
cc. the lather breaks down to give the M.E.P. The titra- 
tion is continued and at a burette reading of 7 cc. a 
permanent lather is obtained. Then if the lather factor? 
is 1.0 cc. the M.E.P. will be (4.5—1) (10) or 35 
grains per gallon as CaCO,. The total hardness is (7 — 
1) (10) or 60 grains per gallon. The P reading is 
zero, as is almost all raw water. The M.O. reading gives 
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a value of 15.0-cc. N/29.2 acid equivalent to 15 grains 
per gallon of CaCQ,,. 

The following equation is used to calculate the lime 
requirement : 


(7) (H—M.E.P. + M.O.+ 1.0) (12) =Ibs. lime per 1000 
gals raw water. 
Substituting : 
(60—35 + 15-+-1) (.12) = 4.92 Ibs. lime/1000 gals water. 
Similarly, the soda ash requirement is calculated from 
the following formula: 
(8) (H—M.O.+ 4.0) (.16) =Ibs. soda ash per 1000 gals. 
water. 
Substituting : 
(60—15 + 4.0) (.16) = 7.84 Ibs. soda ash/1000 gals. water. 
The following notation was used in preceding formulae 
and will be used further. 
H= Total hardness in gr/gal. as CaCOs. 
M.E.P.= Magneisum end point hardness in gr/gal as 
CaCOs. 
P = Phenolphthalein end point. 
M.O. = Methyl orange end point. 


It will generally be found that the above amounts of 
Chemicals will soften the water in question very satis- 
factorily, especially in a hot-process softener. A total 
hardness on the soft water below one half grain per 
gallon by soap titration is not difficult of attainment. 


After the chemicals have been added and time has 
elapsed for the softening reactions (generally from 30 
minutes to 4 hours depending on the process), the 
treated water. may be sampled and hardness, P, and 
M.O. readings run on it. Should some error have been 
made in taw-water analysis or calculations the discrep- 
ancy in treatment may be corrected by the following set 
of formulae: 


(9) 2P—M.O.=L.E. (lime excess, should be .5) 

(10) M.O.—2P =B. (lime shortage) 

(11) M.O.— H=S (soda ash alkalinity, should be 3.0) 

(12) S—L.E.=S.E. (soda ash excess, should be 2.0) 

(13) B--S=S.S. (soda ash shortage) 
Use the following expressions to correct the chemical 
amounts after the above calculations are made: 

(14) €B + .5) (.12) = lbs. lime increase/1000 gals. water. 

(15) (L.E:—.5) (.12) = Ibs. lime decrease/1000 gals. water. 

(16) (S.S.+2) (.16)= Ibs. soda ash _ increase/1000 gals 

water. ’ 
(17) (S.E.—2) (.16) =Ibs. soda ash decrease/1000 gals 
water. 

In connection with the example worked out previously, 
assume that the water had been treated and that a 
run on it gave: 
H2.0; P34; M.O. 4.6. 
Apply (9). 2(3.4) —4.6—=22, the lime excess which 
should be reduced according to (15) which will give 
(2.2—.5) (.12) or 2 lbs. reduction per 1000 gallons of 
raw water, or a corrected lime charge of 4.92—.2=— 
4.72 lbs. lime. 
Next apply (11). 
Then 


46—20=26=S. 
(12). 26—22= 4=S.E. (should be 2) 


To correct the soda ash quantity take the difference 
between 2.0 and .4==1.6 and multiply by the soda ash 
factor of .16 giving .26 lbs. soda ash increase per 1000 
gallons water. 


The treated water correction formulae apply only for 
a limited range and naturally if a treated water is very 
badly unbalanced a certain amount of common sense 
and reasoning must be used in complement. 

A few statements and observations may make this 
more clear. 


(1) If on a treated water a low P and M.O. read- 
ing is obtained in conjunction with a high hardness it 
is a certainty that too little of both lime and soda ash 
have been used, especially if an M.E.P. is observed on 
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the treated water. In this case the raw-water formulae 
may be applied for the correct dosages. 

(2) If on a treated water a low hardness is secured 
in conjunction with high P and M.O. readings, it is 
certain that the water-has been over-treated and the 
correction factors should be applied. This over-treat- 
ment might possibly continue to the. point where the 
hardness starts to increase due to high lime content, in 
which case the lime must be adjusted by “cut and try.” 
When the hardness has been thus reduced the correc- 
tions may be utilized. 

Large excesses of either lime or soda ash will cause 
high boiler alkalinities. While it is very desirable to 
carry a moderate alkalinity in the boiler it is also neces- 
sary that certain limits not be exceeded, especially if 
the boiler is to operate at high pressures. Good operat- 
ing practice advocates from 30 to 40 grains per gallon 
causticity in boiler water, as sodium hydroxide. It has 
been stated many times by various authorities that 
caustic soda causes boiler plate embrittlement, but be 
that as it may, the A.S.M.E. states that if a suitable 
sulfate-to-caustic ratio is maintained this danger is 
minimized. The recommended ratio for boilers operating 
under 250 pounds per square inch is 2:1. Most waters 
in the Mid-Continent region naturally contain enough 
SO, for this protection. 

In using lime and soda ash softening various methods 
are in operation, mainly; the continuous hot, the con- 
tinuous cold, the hot intermittent and the cold inter- 
mittent. For the continuous hot-process commercial 
softeners and settlers are on the market that auto- 
matically proportion the chemicals to the raw water 
flowing to them. The water is heated by means of open 
and closed steam and the chemical reactions are carried | 
out at 200°F. or higher. At this temperature the re] 
actions take place very quickly and good settling of the 7 
precipitated sludge is obtained due to the low viscosity | 
of the heated water. A continuous cold process $7 
hampered by the low temperature employed and a much] 
longer time is required for the sludge to settle. In the 
respective batch process the’ water is merely mixed 
well in tanks with the requisite amount of chemicals ~ 
and allowed to settle. The clear soft water is then 
pumped off the sludge and new batch mixed after the 
first sludge has been flushed from the tank. This method 
is particularly adaptable to small boiler plants, natural 
gasoline plants and pipe-line pumping stations. The 
water used in the cooling jackets of pumping engines” 
should be softened for maximum efficiency, and lime” 
and soda ash is an economical method of doing this. | 

It is generally found that in hot-batch water treating] 
the sludge settlement is rapid and complete, if, by 
chance, it should not be, one fourth to one half pound) 
of sodium aluminate may be added per each 1000 gak 
lons of water to expedite floc formation and crystal 
clear boiler feed water. 

The cost incurred in treating with lime and soda ash 
is insignificant compared to the benefits derived there 
from. To treat the water mentioned in the example,” 
which incidentally is a fairly hard water, would cost) 
only 15.5 cents per 1000 gallons at present chemical) 
prices, not including steam or labor costs. os 

It is not claimed that the method advocated in this) 
article is exact, but by means of it a rapid and very 
close approximation may be made of the necessaly 
amounts of lime and soda ash to soften a given walets 
Once proficiency is attained in its application its valulé 


> 


will be even more apparent, especially in locations whe e ia 


a special water-treating staff is not available. 
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DEVELOPMENT SECTION 


The REFINER presents in the pages following, as a 
supplement of its widely known Process Number of 
February, 1932, a section devoted to Process Devel- 
opments. In this section there is a group of engineer- 
ing descriptions, flow diagrams and photographs of 
28 comemrcially operating processes which were not 
available at the time of publication of the earlier 
correlation of process information. 

The information incorporated in the following pro- 
cess descriptions has been compiled through the co- 
operation of the organizations owning and controlling 
the processes. The 28 illustrated engineering descrip- 
tions include 6 cracking processes, 3 polymerization 
processes, 12 solvent refining processes, 3 treating 
systems, 4 natural gasoline extracting systems, and 2 
gas purification processes. A few of the processes 
are presented under the same name as was used in 
the 1932 edition of the Process Handbook, but a 
review of the material published will disclose that 
the processes are so markedly improved and changed 
that present design and operation methods easily 
justify repetition here. 

The purpose of this publication is not to correlate 
all available process information under one cover, 
such as was the purpose in 1932. Rather, in this in- 
stance the aim is to correlate engineering data rela- 
tive the 27 commercial processes which the industry 
has adopted as a permanent department of the refin- 
ing or natural gasoline plant—at least until such 
time as further progress and development renders 
such processes and systems obsolete. A comprehen- 
sive correlation of process information is available 
in the 1936 edition of The Process Handbook, in 














which work 82 different process descriptions which 
cover all phases of refining and gasoline manufac- 
ture were published. Copies of the complete Process 
Handbook, 1936 edition, can be secured through the 
book department of The Gulf Publishing Company. 


The Process Development Section, immediately 
following, is designed to bring to those concerned 
with process work and its development, valuable in- 
formation relative the individual processes, their pur- 
pose and functions as well as design and construc- 
tion. The photographs used where available, and the 
accompanying flow diagrams of the processes, give 
a quick picture, handily arranged for comparison or 
for study of process operation. 

In practically all instances where individual proc- 
ess units are presented, not only is the primary 
equipment shown in the drawing or editorially pre- 
sented, but the use of practically all types of auxil- 
iary equipment is shown and discussed. This addi- 
tional detail enhances the value of the work to the 
student of processes; the subject matter indicates 
the necessity of the auxiliaries and the manner of 
their application to the given process. 

The material incorporated in the Process Devel- 
opment Section, has been secured through the co- 
operation of manufacturers and owners of patented 
processes, and has been prepared for the exclusive 
use of the REFINER AND NATURAL GASOLINE MANUFAC- 
TURER, which in turn is publisher of The Composite 
Catalog of Oil Refinery Equipment, including Pro- 
cess Handbook. It is fully copyrighted. Permission 
for reprinting in any form, must be secured from the 
publisher. 
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Aleo Gyro Cracking Process 





_ Gyro Cracking Units embody the latest 
type construction and incorporate many new fea- 
tures of design which distinguish them from any of the 
Gyros previously put into operation. This description is 
presented through the cooperation of Alco Products, In- 
corporated, 30 Church Street, New York City. 

The new units are arranged for series flow or not 
more than two tubes’in parallel, to remove the possibili- 
ty of variable distribution and eliminate over-cracking 
in certain tubes. Complete automatic control is used 
throughout, insuring the best results obtainable by close 
and accurate control of flow and temperatures. The oil 
outlet temperatures of both the liquid and vapor phase 
sections of the furnace are automatically maintained, 
making possible uniform operating conditions through- 
out the unit. The positive control obtained with prac- 
tically no variation in operating temperatures, contrib- 
utes materially to the uniform results. The flow dia- 
gram on the opposite page indicates the general scheme 
of a combination Gyro unit. 

The flow of the oil through the unit is as follows: 

The charging stock, consisting of crude, is charged 
through heat exchangers to a crude fractionating tower 
where straight run products of gasoline, reforming 
naphtha and kerosene may be removed. The naphtha 
for reforming is further preheated by heat exchangers 
and charged to the reforming furnace. 

The reduced crude is charged to a heavy oil factionat- 
ing tower where it is preheated by rising vapors from 
the heavy oil cracking stage and all low boiling range 
gas oil removed. The heavy portion is combined with 
the heavy recycle stock in the pan of this tower and 
charged through the heavy oil cracking section back to 
the lower portion of the heavy oil iractionator tower 
where all the desirable constituents are vaporized. The 
overhead from the heavy oil tower, consisting of gas, 
gasoline and virgin gas oil, plus light recycle stock 
formed in the heavy oil cracking furnace, pass overhead 
to the Gyro fractionating tower, where the gas oil and 
light cycle stock are condensed, and accumulate in the 
pan of the Gyro fractionating tower, with the recycle 
stock from the Gyro cycle. A hot oil pump takes suc- 
tion from the pan of this tower and discharges through 


the vaporizing section of the furnace. The vaporizing 
section absorbs heat from the high temperature flue gas 
issuing from the high temperature vapor phase crack- 
ing section as well as the flue gas from the separately 
fired radiant section of the heavy oil cracking furnace, 

The charge through the vaporizing portion of the fur- 
nace is heated sufficiently to obtain the desired degree 
of vaporization and enters the evaporator, where the 
vapor phase charge is flashed and taken overhead as a 
vapor through trays where any heavy ends are re- 
moved, and passes thence to the high temperature vapor 
tubes. 

The vapor is then rapidly raised to cracking tempera- 
tures and held the desired length of time. This close 
control of cracking conditions effects any degree of con- 
version desired. 

Vapors leaving the furnace are instantaneously 
quenched and enter the lower section of the Gyro frac- 
tionating tower where low gravity tar formed in the 
cracking reaction is removed. 

The gas, gasoline and cycle stock, as well as the 
quench oil, pass overhead through the pan as a vapor 
to the upper portion of the fractionating tower where 
the cycle stock is condensed as previously described. A 
portion of the light oil cycle is used as absorber oil for 
the uncondensed gases and also used for quenching the 
high temperature vapors from the cracking and reform- 
ing cycles. A side stream of furnace distillate may be 
removed from this tower if desired. 

The gas and gasoline from the Gyro fractionator 
pass through a clay chamber for treatment to an after 
fractionator, where the heavy polymers are removed 
and a depropanized heavy naphtha side stream may be 
removed if desired. The polymers are returned to the 
process and the overhead is condensed. The condensate 
passes to a stabilizer where it is reduced to vapor pres- 
sure, and the gases to an absorber where the desirable 
constituents are recovered. 

The tars from the base of the heavy oil and Gyro 
fractionating towers are stripped separately in a fuel 
oil stripper. The light materials are returned to the 
cracking cycle and the blended fuel oil is pumped to 
storage. 
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Clark Vapor Phase Cracking Process 





UNIT of the Lincoln Clark Vapor Phase Process 
for cracking (developed by Lincoln Clark, Pasa- 
dena, California) was placed in operation by Rice 
Ranch Oil Company at Santa Maria, California, in 
1934. This process differs from others in that heat is 
applied directly to and mixed in intimate contact 
with superheated vapors, instead of being transmitted 
through steel tubes. 

The installation includes both topping and crack- 
ing. Clean gas oil is in the cracking process, which 
may be manufactured in the combination unit, or 
secured from other sources. 

The principal parts of the unit consist of a two- 
pass heater, a combustion chamber (in which fuel 
to produce cracking temperatures is burned) a ver- 
tical reactor, a vertical rectifier, receivers for resid- 
uum and gas oil and exchangers and vapor condens- 
ers. Skimming the crude is accomplished in the rec- 
tifier, from which three cuts are removed; overhead 
vapors being gasoline, a side cut of gas-oil and resid- 
uum taken from the base. 

A charging stock of cold crude is pumped to the 
fractionating column by passing it through gas-oil 
reflux and residuum coolers to utilize waste heat. 
The charge, heated to 457°F., is introduced to the 
rectifier above the ninth plate from the base. These 
nine plates are utilized as stripping trays and for 
residuum reduction. 

A draw-off pan is placed in the rectifier above the 
twelfth tray from which a gas-oil is removed ‘which 
includes all fractions between residuum and gasoline. 
This gas-oil cut is charged to the cracking part of 
the unit. It is received in a horizontal accumulator 
drum from which a portion is pumped back to the 
column, to control the ascending vapors. The re- 
mainder is passed by the same pump, at a tempera- 
ture of 496°F., directly to the heater. 

This heater contains two banks of tubes, the first 
used as a vaporizing section, and the second as a 
vapor super-heater. Between these two banks is a 
flash drum which acts as a receiver for the unvapor- 
ized portion of the oil-gas charge and as a stripper. 
The unvaporized gas-oil is passed back to the recti- 
fier under the flash drum pressure of 48 pounds, to 
be reprocessed in that column. Vapors leaving the 
flash drum re-enter the heater and pass through the 
second section of tubes where the temperature is 
raised from 750° to 810°F. 

The super-heated gas-oil vapors are led through 
an insulated transfer line to the heart of the cracking 
unit. This point is a constricted connection between 
the combustion chamber and the reactor. The com- 
bustion chamber is a horizontal unit designed to pro- 
duce heat under pressure by burning in it refinery 
vapor-recovery stripped, or residue gas, pipe line gas 
or fuel oil. The necessary amount of both the fuel 
and the air essential for combustion is pumped into 
the chamber through a special pre-mixing apparatus 
under a pressure of 40 pounds. 

A necessary procedure at this point is to properly 
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proportion the fuel and air so as to secure a non- 
coking flame containing no excess oxygen. The con- 
trol of the mixture of fuel and air may be main- 
tained through a set of hand operated valves, or pro- 
portioning instruments may be used. When the prop- 
er mixture and volume of fuel and air has been ob- 
tained, no further attention is required. 

Tests are conducted at regular intervals to deter- 
mine the condition of the gases of combustion by 
using an Orsat instrument. The object of this analy- 
sis is to provide oxygen-free combustion gases which 
will not react with the superheated gas oil vapors 
with which contact is made. Temperature of the 
gases of combustion at the point where the super- 
heated vapors enter is maintained at 1010°F. The 
time of intimate contact has been calculated at the 
point of intimate mixture, as well as the time of 
soaking, or passage through the reactor, to produce 
sufficient conversion of the gas oil fraction to high 
octane gasoline without over cracking and large gas 
loss. 

The reactor is a vertical vessel having a dividing 
wall placed inside from the base to a point near the 
top. The hot vapors pass through the reactor and 
are taken from the vessel at a point opposite that of 
entry. The reactor is connected to the rectifier and 
hot vapors enter the rectifier near the base and be- 
low all stripping and fractionating trays. Heat of 
this contact is used for skimming the charge of 
crude, and in reducing the bottoms. Gasoline pro- 
duced from either charging a reduced topped crude 
or fresh oil shows a high octane value, and this can 
be controlled by the operation of the plant. The 
residuum from the rectifier can be processed to prac- 
tically any specification road oil or fuel oil by re 
cycling a portion of it from the residuum receiver 
back to the rectifier. 

Overhead vapors from the rectifier are condensed 
in standard units and accumulated in a receiving 
drum, from which a portion is returned to the third 
tray from the top to control the 90°F. point of the 
finished product. Uncondensed vapors received in the 
condensate accumulator are picked up by compres- 
sors in a vapor recovery unit and processed in af 
absorption unit to recover the desired fractions. 

The product of the unit is blended with recovered 
vapor gasoline and casing-head gasoline to produce 
the desired grade of finished product. This blend 1s 
then treated in a Lachman Zinc Chloride vapot- 
phase treator to control color stability and remove 
a small amount of gums formed by cracking. 


The processing cycles, or lengths of runs have been 
limited to 21 days each, not from any operating diffi- 
culty or the results of operation, but solely from @ 
desire to inspect the interior of all parts of the va 
rious units to determine whether they have beef 
operating properly. Coke as a product of cracking 
in this unit is absent, none having been deposited m 
the reactor during any of the operating cycles. 
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Combination Process 





HE association of the main cracking operation 

with other operations such as initial crude dis- 
tillation, viscosity breaking and naphtha reforming 
has important inherent advantages. Since proof of 
this has been furnished in recent years by installa- 
tions processing crude to completion including crack- 
ing, in a unitary operation, the Combination Process 
has become increasingly attractive to refiners and is 
appearing with frequency in current construction. 
With it the refiner of today may utilize to a greater 
degree the surplus heat from the cracking system, 
reduce the labor and investment requirements per 
unit of fresh feed capacity, reduce the handling of 
intermediate products, and secure maximum yields 
of high anti-knock gasoline. The importance of these 
advantages, both in the erection of completely new 
plants, and in supplementing existing capacity, ex- 
plains the present trend in this direction by the in- 
dustry. 

The Gasoline Products Company, Inc., of Newark, 
N. J., and The M. W. Kellogg Company of New 
York, N. Y., have been active in the development of 
the Combination Process through extensive labora- 
tory research and plant development facilities. As 
licensed by them the process embodies advantageous 
features of the Cross, Holmes-Manley, Tube and 
Tank and DeFlorez Processes. From this research 
work have proceeded several Combination units 
whose duties range up to the processing of 32,000 
barrels of crude daily to completion. The perform- 
ance of these installations has been an outstanding 
development of recent years in the refining art. 

The flow diagram on the opposite page is typical 
of recently erected Combination units for processing 
of crude. Products from the operation are 65-70 per- 
cent of 70 octane clay treated stabilized gasoline, 
kerosene, furnace oil and 10° A.P.I. fuel oil. This 
description of the process is presented here through 
the cooperation of the Gasoline Products Company, 
Newark, N. J. 

The fresh crude feed after preheating in exchang- 
ers and heating coil is introduced to the crude flash 
tower where naphtha and kerosene are vaporized. 
The naphtha is fractionated to separate the higher 
boiling portion for reforming. The reduced crude 
residue is passed thence to the fuel oil flash tower 
where it acquires preheat from high temperature 
vapors and is withdrawn from the tower to be passed 
through the primary cracking or vis-breaking heat- 
ing coil. The heated stream from the primary crack- 
ing coil reenters the low pressure fuel oil flash tower 


to contact with fresh incoming reduced crude. The 
gas oil and lighter fractions from the vaporization 
in this vessel’are passed to the fractionator or evap- 
orator of the high pressure cracking system, and the 
fuel oil residue which is of predominantly virgin 
character is withdrawn as a product. 

The gas oil condensate fraction in the high pres- 
sure bubble tower comprises the feed to the vapor 
phase cracking circuit. The circuit in this case is 
composed of a heating and soaking coil only but 
sometimes includes a reaction chamber, the cracked 
stream discharging therefrom into the high pressure 
evaporator operating at 150 lbs. pressure or above. 
Temperatures of 950°-1050°F. may be employed in 
the vapor phase coil. The feed to the naphtha re- 
forming coil in the heater is made up of heavy 
straight run naphtha, sometimes including similar 
fractions taken as a side cut from the high pressure 
bubble tower. The discharge from the reforming coil 
at a temperature of 950°F. or above passes into the 
high pressure evaporator. 

The heater is of the type having two combustion 
chambers served by a common convection section. 
The primary cracking, vapor phase cracking, crude 
heating and naphtha reforming coils in the radiant 
roof and walls and in the convection section are lo- 
cated and have their surfaces apportioned according 
to their respective duties. 

The fractionation in the high pressure evaporator 
is regulated to assure that no fractions unsuitably 
heavy for vapor phase cracking pass over into the 
bubble tower. In this latter vessel fractionation is 
regulated to produce the desired cracked. gasoline 
overhead for Gray vapor phase treating and subse- 
quent stabilization. The tar accumulates in the base 
of the high pressure tower, the evolved vapors being 
conducted into the fuel oil flash tower. The cracked 
fuel oil residue remaining from the vapor phase tar 
flashing is withdrawn as a product and may be used 
for blending with the viscosity breaker fuel oil. 

Probably the greatest stimulant to the develop- 
ment of the Combination Process has been the prog- 
ress in research which successfully met the prob- 
lems of design of the complex systems. The work 
has dealt with the fundamentals governing the sizes 
and arrangement of heaters, vessels and other parts, 
and likewise with the process development by which 
balance is achieved between the many elements of 
the system. It has thus been possible to provide op 
timum processing conditions’ with maximum range 
of capacity and operating flexibility. 
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Dubbs Cracking Process 





NIVERSAL Oil Products Company, Chicago, licen- 

ses and designs cracking units for various types of 
operations, producing maximum yield of anti-knock end- 
point gasoline and at the same time specification 
fuel oil or high grade coke from a wide variety of 
charging stocks. 

The accompanying process chart and photograph 
show one of the latest Dubbs units. 

Like many other Dubbs installations, this unit is 
of the selective cracking type, operating under ele- 
vated temperature and pressure conditions. 

The flow chart illustrates a 2-coil cracking opera- 
tion to produce gasoline, coke and gas continuously, 
with on-stream periods of more than 30 days at a 
time. 

At present, this particular unit is “running to 
coke.” However, the unit is so flexible that when 
market conditions are right it can produce residual 
fuel oil or road oil meeting any market specifications. 

This unit has been cracking naphtha, kerosene, fuel 
oil and petrolatum stocks from Pennsylvania grade 
crude, yielding from 70 to 85 percent of motor fuel, 
70 octane number or higher, motor method. 

The end-point gasoline produced from the crack- 
ing unit requires no refining, such as clay or sulfuric 
acid, but is simply inhibited to prevent gum forma- 
tion by an antioxidant, Universal liquid inhibitor, 
likewise developed by Universal Oil Products Com- 
pany. 

Although the unit shown is operating on Pennsyl- 
vania stocks, the Dubbs process is adaptable to every 
kind of charging stock and Dubbs units are operat- 
ing successfully in every important oil field in the 
world. 

One mode of operating the Dubbs cracking process 
is to pump the raw oil into the fractionating tower, 
where condensation of the heavier vapors therein 
takes place. 

The mixture of heavy condensate and raw charg- 
ing stock is pumped through one heating coil where- 
in it is subjected to elevated temperature and pres- 
sure, thence passing into a reaction chamber. 

_ A lighter fraction is withdrawn from the side of 


the fractionating tower by means of a hot oil pump, 
which discharges said oil through a heat exchanger 
and thence to a secor ' heating coil wherein the side- 
cut is subjected to hi. aer temperature and pressure 
conditions than is maintained within the first bank of 
heating tubes. 

The side-cut oil discharges into the same reaction 
chamber as the other heated oil. The hydrocarbon 
mixture from the reaction chamber is discharged 
from the bottom thereof under a reduced pressure as 
it flows into a flash chamber, where a segregation 
into vapors and liquid residuum takes place. 

The hot vapors pass into a heat exchanger and 
thence to the fractionating tower, where separation 
into gasoline, light oil fractions and heavy reflux con- 
densate takes place. The gasoline passes from the 
top of the fractionating tower to a water condenser 
where it is liquefied and then passes to a distillate 
receiver, whence it is finally discharged to storage. 

The incondensable gas, which is discharged from 
the top of the distillate receiver, is utilized mostly 
for fuel, although it is used for enriching city gas 
and a limited amount is used as a raw material for 
chemical synthesis. 

It is this cracked gas which may be treated by 
means of the U.O.P. catalytic polymerization process 
to produce polymer gasoline of 82 octane number or 
higher and a blending value of 115-125. 


The hot residual oil from the flash chamber may 


be cooled and passed to storage and marketed as fuel 
oil, or it may be pumped into the alternating coking 
chambers, where additional heat may be added when 
desired. 

Auxiliaries of the Dubbs cracking unit consist of a 
number of highly scientific control and regulating 
instruments, most of which are of the recording type. 
These regulating-control devices are for temperature, 
pressures, flow of oil, pumps, etc. 

The equipment includes pumps for handling hot 
and cold oil, light and heavy distillates and cooling 
water. Many mechanisms are used for the removal 
and handling of coke. 
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TVP Cracking Process 














A? the name implies, the TVP (True Vapor Phase) 
Cracking Process operates purely in the vapor 
phase. It embodies five inherent features of major im- 
portance; Cracking, Reforming, Polymerization, Vis- 
cosity Breaking and Low Temperature Reduction of 
the Residue. In combination units topping is also in- 
corporated when crude oil is charged. 

In the cracking operation the oil is vaporized and the 
vapor is superheated to about 1000°F. Cycle gas which 
is produced within the system is heated to about 1150°F. 
and intimately mixed with the superheated vapor. The 
combined vapor and cycle gas then pass into a reaction 
chamber where the decomposition of the hydrocarbons 
is effected under optimum time and temperature condi- 
tions. 

Polymerization reactions proceed concurrently with 
the decomposition of the larger molecules. As unsat- 
urated compounds are formed they are subjected to 
ideal conditions of low pressure and high temperature 
for the production of aromatic compounds. 

The raw charge, after passing through the vaporizer 
coil, is reduced to a low percent bottom in a flash drum 
and the overhead vapors passing through the reaction 
zone are subjected to most effective viscosity breaking. 

The products from the reaction chamber pass into 
a scrubber into which the flash drum bottoms are also 
discharged. Under the partial pressure conditions ex- 
isting in the system the accumulated residue in the 
scrubber is reduced to any desired gravity at compara- 
tively low temperatures. 

In combination units the straight run gasoline is re- 
moved from the crude oil charge by suitable fractiona- 
tion after being preheated by heat exchange with hot 
vapors or residue. 

The operation of a unit may be readily understood by 
reference to the accompanying flow diagram. The 
charge enters the system through heat exchange with 
the scrubber vapors. The preheated feed is then raised 
to the desired temperature in the vaporizer furnace and 
is discharged into the flash drum. Hot flash gas is in- 
jected into the flash drum to assist vaporization and to 
dry the vapors going to the superheater coil which is 
located in a separate furnace with the cycle gas coil. 
The cycle gas is preheated by heat interchange with 
scrubber vapors before entering the cycle gas coil. 

Leaving the respective heating elements the super- 
heated vapors and cycle gas are combined to produce 
a predetermined cracking temperature and flow through 
a common line into the reaction chamber where, under 
suitable conditions of time and temperature, the decom- 
position and polymerization reactions proceed simul- 
taneously. The reaction products then enter the scrub- 
ber, from the bottom of which the fuel oil residue is 
withdrawn and the overhead vapors pass through heat 
exchangers into the fractionator. Recycle stock is 
pumped from the bottom of the fractionator and after 
preheating by heat exchange with scrubber bottoms it 
joins the raw charge as feed to the vaporizer coil. A 
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portion of the fractionator bottoms is used as reflux for 
the scrubber. The overhead from the fractionator passes 
through a condenser into the primary accumulator, part 
of the condensate being used as reflux. 

Wet gas from the top of the accumulator is com- 
pressed and passes through a cooler into a secondary 
accumulator where light gasoline is collected. Gas from 
the top of this accumulator is returned to the cycle gas 
coil. Excess gas leaving the system through the auto- 
matic system pressure control valve may be handled by 
absorption, compression or fractionation, the propylene 
fraction being returned to the system for further poly- 
merization. 

Conventional pipe stills are employed for each of the 
above heating operations. The furnaces are of the 
double-end-fired type, with a central convection section. 
The vaporizer coil is located in one furnace and the 
superheater and cycle gas coils in the other. This meth- 
od of heating insures perfect temperature control in 
each coil. The degree of heat required is dependent 
upon the nature of the charging stock. 

In the superheater coil heat is applied so rapidly in 
the short time involved that practically no cracking 
takes place. The superheated vapor is then intimately 
commingled with the highly heated cycle gas with ab- 
solutely uniform heat distribution throughout. This in- 
stantaneous rise in temperature from a degree at which 
practically no cracking has occurred to the full inten- 
sity of the predetermined cracking temperature obviates 
any possibility of skin temperature effects and there can 
be little or no undercracking or overcracking. This con- 
dition is reflected in the character of the gasoline pro- 
duced. 

Because of the partial pressure conditions existing in 
the distilling units of the system, due to the presence 
of the cycle gas, vaporization is most effective. 

Any grade of charging stock ranging from naphthas 
to reduced crudes may be handled in a single TVP unit. 
It is adapted to either reforming or cracking operations, 
simultaneously or separately, without the necessity of 
mechanical changes. 

The gasoline produced exhibits unusual qualities with 
respect to its gum stability. The preformed gum is 1— 
4 mg/100cc, and the treated gasoline has a four-hour 
plus induction period in the accelerated ageing test bomb 
at 212°F. and 100 Ibs./sq. in. gauge pressure, in am 
atmosphere of oxygen. 

Because of its unusual gum and color stability this 
gasoline may be treated by very simple means with less 
than one percent loss and with no effect upon its octane 
rating. 

The noteworthy features of the process are the high 
octane rating and the high. yield of finished gasoline, t€ 
gardless of the character of the charging stock. 

This information is presented here through the © 
operation of Petroleum Conversion Corporation % 
West Street, New York, N. Y. 
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Uni-Coil Injection Process 





HE Uni-Coil Injection Process is a simplified 
combination of individually controllable vis- 
cosity breaking and high temperature cracking. 
Through its simplicity, the process is particularly 
adapted to installations of small or moderate size 
with the advantage that it affords an advanced de- 
gree of viscosity breaking along with the main 
cracking operation in an exceptionally flexible cycle. 
The result is that yields and products are comparable 
to those obtained in the more elaborate multi-coil 
systems customarily used only in the larger capacity 
installations. The Uni-Coil Injection Process is li- 
censed by Gasoline Products Company, Inc., Newark, 
New Jersey, and is a development of experimental work 
carried out over a prolonged period in several refineries. 

The need has long been felt by smaller refiners 
engaged in cracking topped crude, for facilities to 
produce reduced yields of fuel oil without prohibi- 
tive increase in viscosity and pour, and at the same 
time, a cracked gasoline of sufficiently high octane 
number to minimize lead requirements or permit 
blending with straight run or other low anti-knock 
gasolines. The Uni-Coil system effectively meets 
these needs through providing a wide range of vis- 
cosity breaking in combination with a clean gas oil 
cracking cycle having independent flexibility of the 
conditions controlling yield and quality of gasoline. 
The viscosity breaking features of the Uni-Coil 
Process make it particularly advantageous on com- 
bination crude stripping and cracking units in which 
the cracking stock is usually of a residual character. 

Referring to the flow diagram on the opposite 
page it will be seen that the Uni-Coil Process may 
be operated in conjunction with crude distillation 
equipment or on feed stock from an independent 
source. In either case, the feed stock, say reduced 
crude, is first pumped through heat exchangers 
which raise it to a temperature usually above 500°F. 
It then is injected into the partially cracked stream 
of high temperature clean gas oil circulating through 
the heater. The point of injection is determined by 
the characteristics of the stock, the degree of crack- 
ing which the clean oil stream has undergone before 
the injection point and other factors. The combined 
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stream passes through a soaking zone in which vis- 
cosity breaking of the heavier fractions occurs and 
the cracking of both components is substantially 
completed. The temperatures prevailing in the soak- 
ing zone range generally from 850° to about 900°F. 

The combined stream discharging from the heater 
passes into the evaporator where separation of the 
vaporous constituents occurs. Inasmuch as there is 
no “quenching” applied to the heater discharge there 
is available temperature to effect almost an advanced 
degree of stripping of the cracked residuum, the ex- 
tent of this being controlled by the cooling applied 
to the evaporator top. The viscosity broken fuel is 
withdrawn from the evaporator base. The evolved 
vapors are fractionated in the evaporator to produce 
a clean vapor fraction from which the recycle gas 
oil is separated as a condensate in the fractionator. 
Cracked gasoline vapors pass from the top of the 
fractionator in the usual way and may be subjected 
to Gray treatment if desired. The recycle condensate 
in the fractionator base, which is of suitable quality 
for cracking at upwards of 1000°F. is returned to the 
heater. 

Among the fundamental advantages of the Uni- 
Coil Injection Process is the improved economy of 
heat which it makes possible. This comes about 
through the fact that after the readily obtainable 
initial preheat of the residual feed up to 500°F. 

The additional necessary heat to achieve an active vis- 
cosity breaking temperature is derived from the 
cracked clean oil stream which would eventually 
require cooling by some means. This advantage re- 
flects itself in reduced heating surface requirements. 
Furthermore, the use of a single coil is generally 
preferable in smaller refineries over multiple coils 
which in small installations may lack control of heat 
pickup and which generally add to the elaborateness 
and cost of a unit. With the Uni-Coil cycle there is, 
however, a wide range of flexibility, because the 
clean oil stream prior to the injection point may be 
subjected to any suitable cracking conditions, yet 
the combined stream after the injection point can be 
controlled by the degree of preheat used on the feed 
stock without affecting other than secondary vari- 
ables. 
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Pure Oil Thermal Polymerization 





HE Pure Oil “Thermal Process” for the produc- 

tion of high octane gasoline by the polymeriza- 
tion of hydrocarbon gases is so known because the 
reaction is made to take place by heat alone and with- 
out the use of catalysts. This process has been in the 
course of development for nearly 10 years by the 
Pure Oil Company, under the direction of C. R. Wag- 
ner. This information is presented here through the 
cooperation of Alco Products, Inc., 30 Church St., 
New York, N. Y. 


Polymerization in a broad sense may be defined as 
the union of two or more molecules of a substance to 
form a larger molecule, the latter being called a 
“polymer.” This reaction, while known for many 
years received very little attention by the petroleum 
and natural gas industries. The main reasons for 
this lack of commercialization are to be found by 
studying the history of other refining operations. 
Such a study reveals the fact that cracking has been 
responsible for the production of low molecular 
weight olefinic gases, in large quantities, which are 
ideal raw material for the polymerization process. 
While these gases have been used to a limited extent 
for the production of alcohols, sufficient data on poly- 
merization of these gases was not available for the 
safe design of commercial plants. The second stimu- 
lus for polymerization commercialization came from 
the refining and natural gas industries which adopted 
stabilization plants for removing Butane and Propane 
from so-called finished gasoline. This development 
resulted from demands made by the motoring public 
and from automobile manufacturers that vapor-lock 
tendencies of gasoline be removed. By removing the 
vaporlock producing compounds, propane and part 
of the butane, there was made available a large quan- 
tity of low molecular weight, normally gaseous hy- 
drocarbons, which could not be marketed. This sur- 
plus of available raw material has been responsible 
for the demand for some process which would trans- 
form these gases into liquid motor fuel which has 
enjoyed a good outlet year after year. 

The Pure Oil Thermal Process of polymerization, 
when operated at the lower temperature range pro- 
duces a liquid gasoline consisting of aromatics, naph- 
thenes, olefins and some paraffins. By operating at a 
higher temperature level, a product can be made 
which consists of 95 percent aromatics and five per- 
cent of other cyclic compounds. These two products, 
both suitable as gasoline or gasoline blending ma- 
terials can be produced from the same raw material. 
This flexibility is made possible because of the funda- 
mental design of the process which is based upon 
the principle of separately controlled pyrolysis and 
reaction coils. By this system it is possible to con- 
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trol to within narrow limits, the extent of the pyroly- 
sis of the charged gas and to separately and accurate- 
ly control the actual polymerization reaction. 

For a unit where liquefied normally gaseous hydro- 
carbons is available and where it is desirable to sepa- 
rate the polymerization plant distillate from the gas- 
oline normally received from the gas plant, the instal- 
lation would be generally as shown by the flow chart 
on the opposite page. For a design of this character 
the feed received from the stabilizer is accumulated 
in the feed tank “A” and is pumped by “B” through 
pyrolysis coil “C” which operates within the range 
975-1300°F. and at various pressures. The tempera- 
ture maintained in this coil is definitely controlled so 
that the gases will be activated and their character- 
istics modified to suit the requirements of the reac- 
tion coil (polymerization step) to produce the prede- 
termined quality of polymer distillate. The charge 
then enters the reaction coil “D” which is accurately 
controlled as to temperature and the reaction prod- 
ucts upon leaving the coil meet cooler material, either 
gas or liquid which reduces the temperature of the 
mixture to such a degree that further polymerization 
is arrested. The mixture then flows to fractionating 
tower “E” where fractionation takes place. The poly- 
mer distillate produced is removed from the tower as 
a side-stream and is stabilized to specifications in 
“F” and is removed through line “G”. The gas is 
taken overhead from the tower “E,” is cooled and 
partially condensed, and the condensate is returned 
to the top of “E” as reflux liquid. Any uncondensed 
gases are fed to the absorber “H” where the condens- 
ibles are removed. The dry gas leaves the plant 
through line “I”. The rich oil is pumped to a still 
and the heated material is either flashed into the 
main tower “E” and the condensibles removed with 
the regular poly distillate or they are separately re- 
covered and used as recycle stock. The residue leav- 
ing the fractionating tower “E” is either sent to the 
cracking stills or stripped of light constituents in a 
separate stripper. 

The polymer gasoline produced may be made to 
vary over wide limits according to the conditions em- 
ployed. In general, the higher pressure lower tem- 
perature method of operation produces the maximum 
yields of gasoline which has a high volatility. By 
operating at higher temperatures and lower pressures 
the gasoline can be produced with a low volatility, 
due to the aromatic nature of the product, and with 
a lower yield than is obtained under the first condi 
tions. With this wide degree of flexibility one plant 


serves for polymerizing all types of charge stocks 
with widely varying characteristics and ratios of sat 
urates to unsaturates. 
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Thermal Polymerization Process 





HE thermal polymerization process of the Poly- 

nerization Process Corporation may be used 
for the production of motor fuels from either natural 
or refinery gases. It is a unitary non-catalytic process 
which converts both saturated and unsaturated hy- 
drocarbons, assuring a maximum yield of high oc- 
tane blending value gasoline. The process has been 
proven by actual commercial application; individual 
and co-operative research and pilot plant operation 
provide a background for the prediction of yields 
from gases of varying composition. The joint expe- 
rience and engineering knowledge of a group of re- 
finers and engineers is represented in the design of 
thermal polymerization plants of the aforesaid li- 
censor corporation. ‘ 

Gaseous hydrocarbons normally produced from 
the refining or production of petroleum comprise es- 
sentially the following: 

Hydrogen, Methane, Ethane, Ethylene, Propane, 
Propylene, Butane, Butylene. 

Refinery and natural gases consist essentially of 
saturated hydrocarbons, and thermal polymerization 
represents a method of processing this material to 
super-grade blending fuel. Under certain conditions, 
the supposed chemical inertness of saturated hy- 
drocarbons may be overcome and they may be made 
to act directly. By the proper choice of temperature 
and pressure, polymerization and cracking of gas 
components may be effected simultaneously, the 
control being such as to produce a liquid product. 

When either refinery or field gases are charged to 
a thermal polymerization plant, the hydrogen, meth- 
ane and a portion of ethane in the fresh feed and 
polymerization coil gas are separated from the high- 
er molecular weight components and discharged as 
residue gas. Feed to the high temperature polymer- 
izer coil may have a composition varying from pro- 
pane or butane alone or any proportions of these, to 
a complex mixture of C,, C, and C, compounds in 
which unsaturates amount from zero to as high as 
eighty percent. 

Yields are obtained which approach the ultimate 
by recycling the C,, C, and C, components leaving 
the polymerization coil. Temperature and pressure 
conditions in the polymerization zone range from 
950° to 1100°F. and from 1000 lbs. to 3000 lbs. per 
square inch, respectively, depending upon feed an- 
alysis. No catalysts are used and therefore none of 
the accompanying problems of catalyst handling and 
revivifying are present. 

Polymerization products comprise fuel gas (res- 
idue) containing the lighter hydrocarbons, polymer- 
ization gasoline, and a very small quantity of light 
oil boiling above the gasoline range. Liquid yields 
of over 14 gallons (net) per 1000 cubic feet of gas- 
eous feed may be obtained. Polymerized gasoline 
has characteristics which display the following qual- 
ities : 

(a) The boiling range exhibits excellent vola- 
tility. (b) It is a stable product highly saturated in 
nature. (c) It is not gum forming, and may be 


readily refined with light treatments of clay contact: 
or acid. (d) The octane value is extremely high. 


A typical inspection of this distillate follows: 


A.P.I. Gravity 60 to 64° 
Initial Boiling Point 94°F, 
20 % 140°F. 
50% 170°F. 
90 % 330°F. 
End Point 400°F. 
Octane blending value with respect 

to Ref. Fuel “A” 80 to over 100 
Saturation (Acid Absorption) 80 to 86% insoluble 


The accompanying flow sheet is representative of 
the process design of thermal polymerization plants. 
The polymerization unit proper consists of a heat- 
ing coil and fractionators for separating the liquid 
furnace feed and for separating the gasoline product 
and polymer gas oil. The reaction coil surface may 
vary with the feed composition, otherwise the poly- 
merization systems are comparable. The exact type 
of gas and cycle stock recovery system is dependent 
on feed compositions and local refinery conditions, 
therefore no attempt has been made to outline on 
the flow sheet any one of the several types of ab- 
sorption, condensing or rectifying methods that 
could be used. 


A polymerization plant is comparable in simplicity to 
the usual cracking and stabilization unit. However, gas 
volumes and properties are dependent upon pressure and 
temperature; therefore, the features of the gas supply and 
the refinery must be given recognition in designing a 
polymerization plant for any specific location. Types and 
sizes of auxiliaries are chosen in accordance with the 
characteristics and relative values of utilities. Thus, each 
application of thermal polymerization requires a refinery 
or field study. Investment cost of one of these units varies 
with conditions local to the site of installation. The oper- 
ating or running expense of thermal polymerization plants 
is low even in localities of high utility rates. The fact is 
that thermal polymerization gasoline is made at a cost 
which favorably compares with the cost of producing 
motor fuel by any other refining method. Because of high 
octane blending value and low volatility, the usual poly- 
merization gasoline is worth more than other refinery gas- 
olines. 


Experimental pilot plants for the purpose of research 
and commercial design have been operating in the plants 
of the Phillips Petroleum Company, the research labora- 
tories of The M. W. Kellogg Company, Standard Oi 
Company (Indiana), Standard Oil Company of New Jer- 
sey, and The Texas Company. A large commercial instal 
lation has been in successful operation for a considerable 
period at the Borger, Texas, refinery of the Phillips Pe 
troleum Company. This plant has been producing poly- 
merized gasoline in accordance with the Polymerization 
Process Corporation’s thermal polymerization method, m 
daily volume up to 1000 bbls. This unit has been operating 
with no difficulties, and the operating time efficiency has 
been of the order of 95 percent time on a stream. The 
charging stock to this unit has varied from 100 percent 
refinery gas to 100 percent natural gas. The unsaturat 
hydrocarbon content of the charge has varied from 1 pet 
cent to approximately 40 percent. 

The M. W. Kellogg Company, 225 Broadway, New York 
N. Y., has been appointed licensing agent for the Poly- 
merization Process Corporation for the United States 
foreign countries. Licenses ‘granted will be under the 
Polymerization patents and patent rights of the Phillips 
Petroleum Company, Standard Oil Company (Indiana), 
Standard Oil Company (New Jersey), The Texas Com 
pany, and The M. W. Kellogg Company. 
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Catalytic Polymerization Process 
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HE U. O. P. catalytic polymerization process 

produces a new kind of gasoline from the gases 
that are a by-product of cracking operations. This 
information is published through the cooperation of 
Universal Oil Products Company, 310 South Mich- 
igan Avenue, Chicago, Illinois. 

In the process the cracked gases are preheated and 
passed through a tower which contains a solid, phos- 
phoric acid catalyst. Moderate temperature and pres- 
sure conditions, such as about 450°F. and 200 pounds, 
are maintained in the tower. 

A typical flow chart of the process is shown on the 
following page, together with a photograph of a com- 
mercial U. O. P. polymerization plant which is daily 
processing 3,000,000 cubic feet of gas and producing 
about five gallons of polymer gasoline per 1000 cubic 
feet. 

The yield of polymer gasoline depends on the 
amount of olefinic hydrocarbons in the cracked gas 
processed. As an example the average yield of this 
type of gasoline when processing Dubbs cracked gas 
is from three to six gallons per 1000 cubic feet. How- 
ever, where the olefinic content of the gas treated is 
higher, much higher yields of polymer products are 
obtained. 

The polymer gasoline has an octane number, by 
itself, of about 81, but it has a value, when blended 
with other gasoline, of 115 to 125, which is con- 
siderably higher than the blending value of pure 
benzol or iso-dctane, both of which, alone, have 
higher octane number than polymer gasoline. 

It is chiefly this peculiar high-blending power 
which makes U. O. P. polymer gasoline so valuable 
an addition to the refiners’ operations. 

From the economic viewpoint, the production of 
polymerized gasoline will have a marked effect on 
the tetraethyl lead industry, as well as on the benzol 
motor fuel industry. The reduction in tetraethyl re- 
quirement when even small percentages of polymer 





ec./gal. T.E.L. to 
equal 70 Octane No. 
with various percentage 
of Polymer Gasoline 
0% 4% 6% 





(1) 57 Octane Base Fuel........... sete ay 
1.35 1.25 


with High Sulfur Polymer....... 

with Low Sulfur Polymer........ aa 1.30 1.20 
(2) 60 Octane Base Fuel............. 0.90 ai 

with High Sulfur Polymer........ ; 0.85 — 

with Low Sulfur Polymer........ 0.75 
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gasoline are used is apparent from the data given in 
the table below. 

It will be noted that the addition of four percent 
of polymer gasoline affects a saving of 0.10 to 0.15 ce. 
of tetraethyl lead. Or, if it is desired to eliminate the 
lead entirely, the 57 octane fuel could be raised to % 
with the addition of 24 percent of polymer gasoline, 
or the 60 octane fuel to 70 with the addition of 21 
percent polymer gasoline. 


To the automobile industry increased compression 
ratio motors will mean better performance and in- 
creased maximum speeds, without added fuel con- 
sumption, and in the airplane industry higher trans- 
port speeds, lighter engines, less fuel load, higher 
pay load, lower maintenance costs follow the use of 
polymerized gasoline and to both industries the cat- 
alytic polymerization process offers a gasoline of con- 
stant and controlled composition. 


Since polymerization is the combination of olefins 
to form larger molecules it is apparent that saturated 
substances (paraffins) do not yield polymers. On the 
other hand, saturated hydrocarbons may be catalytic- 
ally dehydrogenated or cracked to olefins. Thus, in 
order to produce gasoline from olefins, one reaction 
takes place — polymerization. In order to produce 
liquids from paraffins, two reactions take place—one 
a cracking and dehydrogenation followed by poly- 
merization and other effects. It should be pointed 
out that to produce olefins from paraffins high tem- 
perature must be used, while polymerization of ole- 
fins gives out heat at low temperatures once the re- 
action is started. To crack paraffin gases and poly- 
merize the olefins formed calls for opposing reactions, 
and therefore the conditions best suited for olefin 
formation are not suitable for the polymerization re- 
action. From a theoretical and practical standpoint 
it is best to produce the olefin gases under optimum 
conditions and then polymerize the olefins to liquids 
under the most suitable conditions. 

The catalyst employed in the U. O. P. catalytic 
polymerization process has a long life, it is not im- 
paired by hydrogen sulfide or carbon monoxide and 
can be regenerated in place by a simple air-burning 
operation at infrequent intervals when this is nec 
essary. 

The equipment designed for U. O. P. catalytic 
polymerization is simple and relatively inexpensive 
to build and operate. 

The installation shown in the photograph has beet 
in successful operation for about a year in the plan! 
of a large refining company and many other com 
panies are installing the process. 
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Chiorex Solvent Refining Process 





HLOREX (B. B’-Dichlorethyl ether) is a col- 

orless liquid of ethereal and not unpleasant 
odor. Aside from the desirable property of high se- 
lectivity, this solvent is particularly well adapted to 
plant-scale usage. High specific gravity permits rapid 
separation of the two phases formed with oils. Its 
boiling point is well below the vaporization temper- 
ature of motor oils, and its low vapor pressure pre- 
cludes the possibility of significant losses in storage. 
The freezing point of the material is so low that precau- 
tions are unnecessary. Since extraction with Chlorex is or- 
dinarily carried out within the temperature range of 50° to 
125°F. its low viscosity at these temperatures is a factor of 
importance. The flash point of the solvent is well above 
that considered hazardous. It is noninflammable at ordinary 
temperatures. It has been employed for nearly four years 
on plant-scale. 


PROPERTIES OF DICHLORETHYL ETHER 


Structural formula Cl —CH:CH:— 0— CH:— CH:— Cl 
Boiling point (sea level), °F. (°C.) 352.4 (178) 
Freezing point, °F. (°C.) —61 (—51.7) 
Specific gravity at 20°/20°C 1.222 
Viscosity, centipoises at 25.5°C. 2.0653 
Viscosity, S U at 77°F. (25°C.) sec. 32 
Viscosity, S U at 32°F. (0°C.) sec. 39 

Vapor pressure at 100°F. (37.8°C.) mm. 2 

Latent heat of vaporization B.t.u./Ib. 

(cal./gram) 115.4 (64.1) 
Specific heat at 85°F. (29.4°C.) 0.369 
Flash (closed cup), °F. (°C.) 168 (75.6) 
Solubility in water at 20°C. % 1.01 
Solubility in water at 90° C. % 1.71 

The application of Chlorex to commercial production can 
be carried out with a minimum of investment. Optimum 
extraction temperatures are not greatly different from at- 
mospheric temperatures, so investment and operating cost 
for control of extraction temperature is low. 

Prior to. the construction of plants a detailed laboratory 
investigation of the possibilities of the process was carried 
out. This indicated that motor oils far superior to those on 
the market could be made at a moderate cost. As a result 
the process was established on a commercial basis, and 
there are now seven commercial plants in operation in the 
United States. 

On the opposite page appears a flow diagram of a Chlo- 
rex plant using the latest design of extraction equipment 
and vacuum distillation for continuous recovery of the 
solvent from the raffinate and extract solutions. Operation 
is as follows: 

The charge oil is pumped through a heat exchanger M, 
operated either as a cooler or heater, depending on wheth- 
er water or steam is circulated through the unit. Chlorex- 
extraction temperatures range from 60 to 125° F., depend- 
ing on the stock and the results desired. The rate of pump- 
ing the charge oil is under automatic flow control. The 
preheated or pre-cooled oil is mixed in the first-stage pipe 
mixer, with the extract solution (thrice-used Chlorex) from 
the second stage. This mixture settles in the first-stage 
settling tank. The extract solution from the first-stage 
settler is pumped, under automatic float control, to the éx- 
tract-solution distillation unit for continuous recovery of 
the solvent. The raffinate solution from the first stage flows 
under first-stage pressure, and is mixed in the second-stage 
pipe mixer with extract solution from the third stage. This 
mixture settles in the second-stage settling tank. Raffinate 
solution from the second-stage settler is mixed with extract 
solution from the fourth stage (once-used Chlorex) in the 
the fourth-stage pipe mixer. This mixture settles in the 
third-stage settling tank. The raffinate solution from the 
third-stage settling tank is mixed with fresh Chlorex in 
the fourth-stage pipe mixer. This mixture settles in the 
fourth-stage settling tank. The final raffinate solution, from 
the fourth-stage, is pumped under automatic control to the 
raffinate-solution distillation unit for continuous recovery 
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of the solvent. When using more stages, the operation of 
the extraction equipment is the same as described above, 
A commercial counter current Chlorex extraction tower 
will shortly be installed in one of the Chlorex plants. This 
tower, which will be substituted for the counter current 
system of settlers and mixers, will have a capacity to treat 
over 1000 barrels of oil per day. 


A compact extraction unit is made by installing the hori- 
zontal settling tanks one above the other in structural- 
steel framework. The first (top) stage is maintained under 
the highest pressure, varying from 75 to 100 pounds per 
square inch. The pressure drops in increments of 10 pounds 
to 15 pounds per stage as the raffinate solutions flow 
downward, while the extract solutions are pumped with 
float-controlled pumps in the opposite direction. Chlorex 
is charged to the system with an automatically-controlled 
pump through a heat exchanger, N, through which either 
water or steam may be circulated for heating or cooling 
the solvent. 

The solvent-recovery system is maintained under a vac 
uum of 26 inches to 28 inches mercury, and the solvent 
is completely recovered from the oil at a maximum strip- 
ping temperature of 300 to 325°F. The distillation equipment 
shown is steam-heated. Direct-fired vacuum-distillation 
units are also being used for recovering Chlorex, and the 
choice of equipment depends to a large degree on whether 
sufficient live steam is available to operate the unit. 

The final extract solution from the first-stage settling 
tank passes through a heat exchanger, A, utilizing the heat 
in the stripped bottoms from the extract-distillation unit, 
E. Further heat is supplied in a second heat exchanger, B, 
utilizing the heat in the hot Chlorex water vapors from the 
extract unit. Any additional heat required is supplied with 
a steam pre-heater, C. The extract solution enters the - 
stripping column near the top. Open steam is applied at 
the bottom of the column. Re-boiler coils may be used to 
maintain the temperature throughout the column, which 
is a simple fractionating column with bubble trays. 

The final raffinate solution from the fourth stage is heat- 
ed with bottoms and vapor heat exchangers, D and F, and 
a steam pre-heater G. As the raffinate solution will con- 
tain only 15 to 25 percent solvent, the raffinate-stripping 
unit, R, is smaller than the extract unit, E, where the bulk 
of the solvent is recovered. Hot Chlorex water vapors 
from the extract and raffinate-solution distillation units 
pass through a water-cooled condenser, H—the condensed 
Chlorex and water flowing to a settling tank, K, where the 
solvent is separated from the water by gravity and re- 
turned to storage. The’ water will be saturated with Chlo- 
rex with a solvent content of approximately 1 percent. 
This water is fed through a preheater to a small, packed 
column, which may be readily constructed from a piece of 
casing. Open steam is added near the bottom. Water which 
is completely denuded of Chlorex flows to the sewer under 
automatic float control from the bottom of this tower, 
while the vapors which are rich in Chlorex pass to the 
raffinate-extract vapor condenser, H. A vacuum is maif- 
tained on the system by means of a steam-jet vacuum 
pump. It is not necessary to operate the water-stripping 
column under a vacuum. A Chlorex plant of this design, 
for treating 1000 barrels of oil per day, will require a total 
ground space not over 50 feet square. From 15,000 gallons 
to 20,000 gallons of solvent is adequate to place such 4 
plant in operation. 

Operating costs in plants with continuous vacuum-distil- 
lation equipment will run from 0.4 to 0.5 cents per gallon of oil 
charged, which includes steam, water, electricity, fuel, 
Chlorex loss, maintenance, depreciation, and labor. In five 
Chlorex plants using vacuum distillation for recovering the 
solvent over-all losses have ranged from .04 to .08 percent. 
of the total volume of Chlorex circulated. 

Chlorex is sold in tank cars. No royalty is added to the 
cost for the use of the process. Chlorex is sold by the 
Carbide and Carbon Chemicals: Corporation, 30 East 42nd 
St., New York, N. Y., under a licensing agreement with 
the Standard Oil Company (Indiana) and the Mid Contr 
nent Petroleum Corporation. 
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HE crotonaldehyde process of solvent extraction provides 

a single solvent method capable of economically refining 
an exceptionally wide range of lubricating oils. Crotonalde- 
hyde will dissolve nine to ten percent of water at operating 
temperatures and by varying the water content, the solvent 
may be adapted to the extraction of any lubricating oil from 
the lightest spindle oil to the heaviest waxy cylinder stock with 
unimpaired selectivity. The selectivity of this solvent compares 
favorably with other solvents, which are available at relatively 
low cost. Having a boiling point of 218°F. it is ideal for easy 
handling and recovery. 

The crotonaldehyde process of solvent extraction originated 
at the Massachusetts Institute of Technology, where the pre- 
liminary laboratory development was carried on. The process 
was then licensed to Foster Wheeler Corporation and its de- 
velopment was continued in its laboratories. This discussion is 
presented here through the cooperation of Foster Wheeler 
Corporation, 165 Broadway, New York, N. Y. 


Properties of Crotonaldehyde 


Structural Formula CH; — CH = CH — CHO 
Boiling Point (760 m.m.) °F. 218 


Freezing Point, °F — 103 
Specific Gravity, 20°/20°C. 0.859 
Viscosity, Centipoises, 85°F. 0.539 
Viscosity, S. U. at 100°F. Sec. 31,5 
Vapor Pressure at 100°F. m.m. 80 
Latent Heat of Vaporization, Btu/Gal. 1530 
Specific Heat, Btu/Gal. 3.55 
Flash (open cup) 44°F. 


Crotonaldehyde is a colorless liquid. Its toxicity ranks with 
that of gasoline. It has a penetrating odor and is irritating to 
the mucous membrances which tends to prevent the ignoring 


Crotonaldehyde Process 


of costly leakage. The two phases formed on its mixture with 
oils separate rapidly and efficiently. Its freezing point is so low 
that no precautions in this respect are necessary. The boiling 
point is high enough so that pressure is unnecessary for stor- 
age and handling and low enough so that vacuum is unneces- 
sary for the recovery of the solvent from oil mixtures. It is 
non-corrosive toward iron and steel. 


A flow diagram of the process is shown on the opposite page. 
The process consists of two major parts (a) an extraction sys- 
tem and (b) a solvent recovery system. The solvent is pumped 
in at one end of the extraction system where it mixes with par- 
tially refined oil solution, leaving the next to the last stage. This 
mixture on separation yields the refined oil solution and an ex- 
tract solution. The extract solution passes through the suc- 
cessive stages countercurrent to the charge oil and emerges as 
the extract solution which goes to the solvent recovery system. 

The solvent is recovered from the refined solution and the 
extract solution in the recovery system under atmospheric pres- 
sure. The wet solvent vapors from the steam strippers are 
passed to the solvent still where the water is removed from 
the solvent and the solvent is recovered from the water in the 
water still. 

Crotonaldehyde and water are very easily separated and be- 
cause of this fact and the relatively high vapor pressure of the 
solvent it is possible to recover the solvent with a loss of less 
than 0.1 percent based on the oil charge to the plant without 
resorting to the use of vacuum. The small amounts of solvent 
left in the refined oil are completely removed during the finish- 
ing acid or clay treating as a result of the tendency of the sol- 
vent to resinify in the presence of acid or clay. Since vacuum 
equipment is unnecessary, the crotonaldehyde solvent extrac- 
tion process involves relatively low plant and operating costs. 

A few typical crotonaldehyde extraction results are shown in 
Table 1. 






































Source of Charge.......... | Pennsylvania | Mid-Continent | Mid-Continent | Mid-Continent | East Texas Kettleman Hills Trinidad 
Dewaxed 
Steam Refined | Partly Dewaxed Overhead Partly Dewaxed Overhead 
Nature of Charge........ Stock Cylinder Stock | Cylinder Stock Neutral Oil Neutral Oil Overhead Stock Stock 
yeaa 24.9 23.0 20.2 6 | 23.2 19.1 17.7 
py See ee ee Green 7 (5%) Green 41% (15%) | 4% (15%) 8 (15%) Green 
EE Mo ss.e/ 5 i cde. oae a 163 } 144 169.5 3 51.0 78 72.2 
TI 56 3 nis 6 4m 0 aie-win-s 997 970 i I ed ee eee ase my Pa eer 440 400 
RR CY Fe aie aaa Satitagiebecge se  @ ct eeieans | 274 oo ea a eee 
Radar cis wie (4 ow aa eee s 565 515 535 400 415 445 380 
GE Wild. din-4' ulincy's Wa ede Oie.e 640 | 590 625 465 475 500 430 
SIRT a nN 45 35 15 —10 —20 75 
Conradson Carbon........... 2.85 | 2.75 3.8 } 0.04 | 0.09 1.95 1.70 
Viscosity Index............. 100 | 81 50 | 65.5 52 32 
Viscosity Gravity Constant. . . | 0.819 0.835 0.8 0.852 0.860 0.879 0.894 
Refined Oil | 
Bis ee MNO oe oa ceccices | 269 | 28.2 | 27.1 | 28.1 | 29.2 30.1 30.0 7.5 
YE oS" aaa Green Green | 5 (5%) | 8(15%) | 4 3% | 5 4 (15%) 5 (15%) 
Serre 157 158 140 112.5 47.0 46.5 | 48.5 x 
Ns. Wows ss oo Un.o-4ce 864 834 795 585 eae Pare es ee ) | Sn ome St 
ID ona osu e 6'u s 4,d0 0 ere i Re ee eRe one S.-i Agente tg 210 198.5 ee Peo ae 694 
EMS UCME bb oir e'o ak wa3e 0d 565 570 | 525 555 405 405 425 450 415 
A Rig Ga Bas! pieie-o.e 6:6 635 640 590 625 470 470 | 480 500 
ORE IE ES Ae 50 60 55 40 0 0 —5 85 15 
Conradson Carbon...........| 1.35 1.22 1.44 0.23 0.00 0.00 | 0.01 0.29 0.50 
Viscosity Index.............| 110 | 115 102 96 100 | 95 94 80 
Viscosity Gravity Constant. . | 0.804 0.795 0.802 0.802 0.818 0.811 0.811 0.819 0.831 
Vield, Percent.............. 90 | 825 | 75 61 77 ee 64 ; 49 
Extract | 
Ne Oy eS Serre 9.2 11.4 | 11.6 9.5 | 10.7 11.8 | 12.4 8.9 10.3 
\ a |) Saree oe | 534 | 160 20 |} 65 64 } 53 108 
Viscosity Gravity Constant...| 0.935| 0.915 | 0.930 =| 0.938 | 0.957] 0.947 0.948 0.962 0.952 
 § tain arEee ews] 25 -39 | 23 23 | 36 2 51 
Operating Conditions | | 
Percent Solvent............. 150 230 250 } 330 115 165 200 250 240 
Percent Water in Solvent.....| 2.0 0.5 | 0.5 0.8 ae 2.0 1.0 2.5 4.0 
Extraction Temperature, ° F..| 125 86 80 86 | 88 7 77 80 83 
Extraction Stages........... ‘Ser 4 6 6 Be 6 6 4 6 
Recycle Stages............+. Pig 2 2 2 gee 2 2 2 2 
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“Duo-Sol Solvent Extraction Proeess 





HE Duo-Sol Process is a process for the produc- 

tion of highly paraffinic lubricants by means 
of solvent extraction. It was developed by Max B. 
Miller & Company, Inc., 501 Fifth Avenue, New 
York City, and this is presented here through the 
courtesy of the company. Four plants are in opera- 
tion in this country, having a combined charging 
capacity of over 10,000 barrels per day. Four addi- 
tional plants located in England, France, Germany 
and Italy are nearing completion, and will have a 
combined charging capacity of over 4500 barrels 
per day. 

The process employes two solvents ; each solvent is 
immiscible in the other. In plant operations the two 
solvents flow countercurrently to each other as do 
the separate constituents of the oil. In consequence, 
the process permits the refiner to completely wash 
the paraffinic oil of its naphthenic constituents and, 
at the same time, to completely recover the paraf- 
finic oil from the naphthenic residue. 


The Duo-Sol Process has a number of outstanding 
features : 


(a) It will produce from any kind of stock made 
from the refining of any kind of crude a finished 
paraffinic oil which when dewaxed to zero cold 
test will have a viscosity index of 100 or higher. 


(b) Irrespective of the crude stock charged to the 
plant, the color of the paraffinic oil produced 
therefrom will range from 2 to 7 on the N. P. A. 
scale and, in consequence, the necessity of acid 
treating is eliminated and the cost of filtering 
the oil to final color is reduced to a minimum. 


(c) The completeness with which the paraffinic oil 
is separated from the naphthenic constituents 
of the charging stock by the process is indicated 
by the specific gravity of the naphthenic con- 
stituents which ranges from 1.01 in the case of 
lighter distillates to 1.07 in the case of heavy 
residuums. 


(d) Because of the ability of the process to handle 
any kind of charging stock it curtails primary 
distillation costs in producing the stock as well 
as subsequent fractionation for the production 
of a full line of lubricating oils. 


(e) The paraffinic oils produced by the process are 
not only high in viscosity index but they are 
exceptionally low in carbon residue, are resist- 
ant to oxidation, are stable as to color, and when 
lightly filtered will meet any emulsion test. 


The manner in which the process operates is indi- 
cated by the accompanying flow diagram. A brief 
description follows: The process consists essentially 
of two parts, (a) the extraction system and (b) the 
solvent recovery equipment. The naphthenic solvent 
is pumped in at one end of the extraction system 
and the paraffinic solvent is introduced at the other 
end, while the charging stock is introduced at an 
intermediate point. As the paraffinic solvent passes 
through the extraction system it dissolves the paraf- 
finic oils contained in the charging stock and carries 
them along with it to one end of the system where 
the paraffinic layer is taken off and charged to the 
solvent recovery equipment as indicated. Simulta- 
neously, the naphthenic solvent as it is pumped in 
the opposite direction, countercurrent to the paraf- 
finic layer, dissolves the naphthenic fractions from 
the charging stock and carries them to the other end 
of the extraction system where they are charged to 
their solvent recovery system. 

It is obvious that as the paraffinic and naphthenic 
layers approach the opposite ends of the extraction 
system they come in contact with a more and more 
concentrated solution of the opposite selective sol- 
vent. Hence the paraffinic layer is stripped of its 
naphthenic oil content and the naphthenic layer of 
its paraffinic oil content by the countercurrent flow 
of their respective selective solvents. 

The extraction system is multi-stage. In each ex- 
traction stage the two layers are brought into inti 
mate contact by suitable mixing and distributing 
nozzles. The layers then are allowed to separate be 
fore passing onward to the next contact step. In 
other words, the operation of the extraction system 
is such as to secure all the advantages of both 
multiple contact and countercurrent flow extraction. 

The recovery of solvents from the extracted oils 
of the Duo-Sol Process is merely a matter of the 
application of heat under suitable conditions of pres 
sure for the evaporation of the solvents and the come 
densing of the resultant vapors. 


While there are many solvents which may be used 
by the Duo-Sol Process, propane is recommended 4 
a paraffinic solvent and a specially prepared cresol 
base solvent, which has been given the trade namie 
of Selecto, as the naphthenic solvent. 

Propane is readily available to any refiner; it 
cheap and is exceptionally effective. Selecto is the 
cheapest of all naphthenic solvents, and it does not 
decompose in the oil and is otherwise stable. 
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Edeleanu Process 





HE Edeleanu process was the first oil refining 

process utilizing a selective solvent in lieu of sul- 
phuric acid or other destructive chemicals. Its first 
commercial application for refining kerosene with liquid 
sulphur dioxide dates back to 1911. Since then the Ede- 
leanu process has been used in over forty large scale 
installations all over the world, nine of these plants be- 
ing located in the United States. This discussion is pre- 
sented here through the cooperation of Edeleanu Com- 
pany, Ltd., 551 Fifth Avenue, New York, N. Y. 

Sulphur dioxide is the most selective of all solvents, 
while its solvent power can readily be adjusted by vary- 
ing the treating temperature. SO, extraction is being 
performed at temperatures ranging from 140°F. down 
to zero degrees and lower. This wide temperature range 
gives the process a unique flexibility and makes it suit- 
able for treating anything from gasoline up to a medium 
heavy lube stock. 

Lately the SO, extraction process has gained increas- 
ing importance for manufacturing a high grade lacquer 
solvent from naphthas and for producing a gasoline 
blending agent of high anti-knock value. SO, extract 
also promises to be valuable as basic material for the 
production of chemicals, due to its high concentration 
of aromatic and unsaturated compounds. 

For refining lubricating oils of high viscosity the sol- 
vent power of the SO, is usually increased by adding 
benzol or another suitable aromatic solvent aid. The 
amount of benzol used in mixture with SO, depends 
upon the nature of the stock and the desired raffinate 
quality. The possibility of varying the solvent compo- 
sition and the treating temperature within a wide range 
allows to select the optimum treating conditions for 
any particular lube stock. 

The lube raffinates resulting from treatment with 
SO, or with a mixture of SO, and benzol are character- 
ized by low carbon residue, excellent oxidation stability 
and high viscosity index. Edeleanu raffinates are fin- 
ished by clay-contacting or re-running. Acid is very 
seldom required for finishing. 

SO, and benzol are easily recovered from the extract 
and raffinate at moderate temperatures, and solvent 
losses are very low. Both solvents are, furthermore, ex- 
ceedingly cheap. 

On the opposite page the flow diagram of a benzol- 
SO, plant for treatment of heavy lubricating oil is 
shown. The feed stock entering the plant flows through 
a steam heater into a tank held under vacuum, in which 
water and fixed gases are removed from the oil. From 
the vacuum tank the oil is pumped through a heat ex- 
changer in which it is cooled by heat interchange with 
the cold raffinate solution coming from the extracting 
System. Before entering this exchanger the stock is 
diluted with mixed solvent. Final cooling of the stock 
is done by refrigeration in the combined stock and sol- 
vent cooling tank in which the stock passes through 
coils immersed in the solvent. The refrigerating effect 
is obtained through evaporating part of the solvent at 
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atmospheric pressure. From this cooler the feed stock 
is pumped into the extracting system which consists of 
four mixers with settlers. 

The solvent recovered from extract and raffinate in 
the two evaporating systems is collected in the benzol- 
SO, collectors and flows from there through a heat ex- 
changer in which it is pre-cooled by heat interchange 
with the cold extract solution coming from the extract- 
ing system. From said heat exchanger it flows into the 
above mentioned combined stock and solvent cooler 
where it is cooled down to the desired extraction tem- 
perature by direct evaporation. This tank cooler is held 
at about atmospheric pressure by means of compressors, 
From the solvent cooler the cold mixture of liquid ben- 
zol and SO, is continuously withdrawn by a pump 
which forces it into the last unit of the extracting 
system. 

The technical features of the multistage mixing-set- 
tling equipment are well known and need no descrip- 
tion. The refined oil containing a certain amount of 
solvent flows from the last settler into a surge tank 
and from there it is passed into the raffinate recovery 
system. The extract solution is continuously withdrawn 
from the first settler and pumped into the extract evap- 
oration system. 

The two solvent recovery systems have three stages 
in common, a flash stage operated at the pressure of 
the water cooled solvent condenser, a stripper stage op- 
erated at about atmospheric pressure, in which the oil 
is stripped by means of SO, gas for the removal of the 
benzol, and a vacuum stage for the removal of the traces 
of SO, remaining in the oil after stripping. The extract 
evaporation system has furthermore a high pressure 
stage in which the bulk of the SO, is removed from the 
incoming extract solution. The SO, overhead from the 
high pressure stage is partly used as stripping agent 
and partly condensed in a heat exchanger placed in 
the condenser pressure stage, in which the latent heat 
of the SO, vapors is utilized for reheating the bot 
toms from the high pressure stage. 

The solvent free extract and raffinate are passed 
through respective heat exchangers in which their heat 
content is utilized for pre-heating the cold raffinate and 
extract solution entering the recovery system. 

The SO, vapors expelled in the vacuum evaporators 
are compressed to the suction pressure of the compres 
sors by means of gas pumps. The overhead from the 
strippers passes a partial condenser where most of its 
benzol content is liquefied. The non-condensed mixed 
solvent vapors are combined with the SO, gas from the 
vacuum stages and compressed to the pressure of the 
watercooled main condenser by means of gas compres 
sors. 

The plant shown in the flow sheet is further equipped 
with a solvent fractionator serving the purpose of ad 
justing the solvent composition suitable for the various 
kinds of stocks treated in.the plant. This fractionator 
allows removal of any excess water that entered 
plant with the feed stock and accumulated in the solvent. 
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Furfural Refining Process 





URFURAL satisfactorily meets selective solvent 
requirements when employed in the lubricating 
oil refining process developed by the Texaco Devel- 
opment Corporation. The solvent selectivity ranks 
high among the commercially-available solvents; the 
cost of furfural is relatively low and, being manufac- 
tured from agricultural wastes, the supply is ade- 
quate. Furfural is relatively non-poisonous and no 
special precautions are taken in commercial handling 
of the solvent. The successful application of furfural 
to a wide range of lubricating oils has been demon- 
strated in several large commercial operating instal- 
lations. The process is becoming widely adopted and 
a number of plants are being installed at present 
(March, 1936). This discussion is presented here 
through the cooperation of the Texaco Development 
Corporation, 135 East 42nd Street, New York, N. Y. 
Contrary to some opinion, furfural is very stable. 
This is forcibly illustrated by the fact that plant in- 
ventories over long periods of operations show a 
solvent loss of only .03 percent of the total solvent 
used, even though operating in some instances at 
temperatures as high as 550°F. A maximum tem- 
perature of 450°F. is now normally maintained in 
the plant, and at this temperature furfural is easily 
recovered from the oil products. Although a closed 
system is used in plant operations no inert gas pro- 
tection is required to preserve the solvent. Except 
for a relatively small amount of “make-up,” the orig- 
inal solvent charged to the Lawrenceville unit in 
1933 is still in the system and remains a light straw 
color. Periodic examination has shown no change in 
physical properties. 

Furfural is employed normally in the extraction 
system at temperatures ranging from 150°F. to 
250°F., at which temperatures practically any vis- 
cous or waxy oil can be readily handled. The oil vis- 
cosities at temperatures of application and a large 
difference in specific gravity between extract and 
raffinate solutions permit counterflow operation in a 
single packed tower, as well as counterflow opera- 
tion in multi-stage at high charge and settling rates. 


The advantages of packed counterflow tower over 
a series of mixing and settling vessels are: Lower 
solvent and oil quantities in the system; lower ini- 
tial investment; and lower operating and mainte- 
nance costs. A single counterflow tower with fifteen 
feet of packing is equivalent to more than ten stages 
of multi-stage counterflow when furfural is used. 


The flow sheet on the opposite page reflects a 
typical layout of equipment employed in the process. 
Furfural, however, because of its stability over a 
wide range of operating conditions, lends itself to a 
variety of methods of recovery from raffinate and 
extract solutions. Different types of the solvent re- 
covery systems have been developed, in order to pro- 
vide for maximum operating economy of each par- 
ticular installation. The flow diagram accompany 
description of the furfural process in the previous 
edition of the Process Handbook, represented vac- 
uum distillation equipment as installed at the Law- 
renceville, Ill., refinery of the Indian Refining Com- 
pany. In contrast with the Lawrenceville complete 


Hs 


vacuum method of solvent recovery, a flow diagram 
is presented in this edition, which does not employ 
the use of any vacuum equipment. The wide range 
of operating conditions under which furfural can be 
successfully recovered from raffinate and extract 
solutions is thus illustrated. The Lawrenceville plant 
has been in constant operation since completion of 
construction, November, 1933. During this time 
Mid-Continent waxy distillate oils ranging in vis- 
cosity of from 40 seconds Saybolt at 210°F. to 170 
seconds Saybolt at 210°F. have been successfully 
treated. 

The plant represented herewith comprises the fol- 
lowing main operating units: 

1. Vertical counterflow extraction tower with suitable 
exchange and cooling equipment to provide means for 
charging solvent and oil at controlled, pre-determined 
charge rates and temperatures. 

2. Surge capacity in the treating tower itself for storage 
of raffinate and extract solutions, prior to charging these 
solutions to respective solvent recovery equipment. 

3. Solvent-from-Extract recovery unit, including open 
steam stripper for removal of final traces of furfural from 
extract. 

4. Solvent-from-Raffinate recovery unit, including steam 
stripper. 

5. Solvent-from-Water recovery system, including settler 
and two fractionating columns. The settler is required to 
permit the mixture of water and furfural to separate into 
two layers; the lower layer being rich in furfural and the 
upper layer rich in water. One of the fractionating columns 
is employed in stripping water from the furfural layer, 
using furfural vapors as a stripping medium, and the second 
column is employed in stripping furfural from the water 
layer, using exhaust steam in the base of the column as 
heating medium. 

Untreated oil is charged to the bottom of the extraction 
tower at a pre-determined temperature of from 150°F. to 
200°F., while furfural at 200°F. to 260°F. is charged to the 
top of the tower, just below the surge space provided for 
accumulation of raffinate mix. Normal operation calls for 
a temperature gradient of from 20°F. to 50°F. between the 
top and bottom of the tower. The tower is maintained full 
of oil with the furfural flowing downward through the oil. 
Refined oil solution, containing only a small percentage of 
the furfural, flows from Treating Tower by gravity at a 
controlled rate to the steam stripper, where all furfural is 
removed from the oil. 

The extract solution, containing the major portion of 
furfural, is pumped through heat exchangers to an atmos- 
pheric flash tower, where approximately 30 percent of the 
furfural contained in the extract mix is vaporized. The 
flashed solution is then pumped through a fired heater to 
a pressure flash tower, where practically all of the remait- 
ing furfural is vaporized. The extract, and small percentage 
of furfural remaining in equilibrium, flows from the pres- 
sure flash tower to an atmospheric steam stripper, in whieh 
all of the furfural is removed from the extract. 

Heat is recovered from the furfural vapors from both 
atmospheric and pressure flash towers by exchange wi 
extract solution. Additional heat is recovered from the 
pressure condensate by exchange with the raffinate mix 
after which pressure is released, and the furfural admitted 
to the main furfural charge accumulator, whence it 8 
charged to Treating Tower. 

Vapor from the two steam strippers, together with va 
pors from the two fractionating columns, are condensed im 
a common condenser, and the condensate allowed to sep 
arate into two layers in the separating drum. 

The recovery of furfural from water is a very simple 
process, due to the fact that a\constant boiling mixture 0 
furfural and water has a lower boiling point than either 
pure water or furfural. For this reason a mixture of watet 
and furfural is more volatile than either of the two sub 
stances in a pure state, and can, accordingly, be easily 
stripped from either. 
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Nitrobenzene Extraction Process 





HE nitrobenzene extraction process for separat- 

ing the high grade lubricating oils, present 
in either the lube distillates or the residuum of 
any crude, from low grade components was devel- 
oped and is commercially operated by The Atlantic 
Refining Company, 260 South Broad Street, Phila- 
delphia, Pennsylvania. Through the courtesy of the 
company this material is presented. 


A crude lubricating distillate or residuum is made 
up of a mixture of hydrocarbons. Some of these com- 
pounds are highly paraffinic, some are of interme- 
diate character, and some are highly naphthenic or 
asphaltic. The highly paraffinic compounds are prac- 
tically insoluble in nitrobenzene, the asphaltic and 
highly naphthenic compounds are very soluble, while 
the compounds of intermediate character have solu- 
bilities between the two extremes. Hence, when oil 
is mixed with nitrobenzene the least desirable com- 
ponents are most readily dissolved and removed. By 
varying the degree of treatment, the quality of the 
material remaining undissolved can be controlled 
over a wide range. 

The process is purely physical in nature since the chem- 
ical character of the various hydrocarbons remains un- 
changed during the separation. If the products obtained 
are mixed together in yield proportions, the properties of 
the mixture will be the same as those of the original oil. It 
follows that the maximum yield of an oil of given quality 
will be equal to the amount of oil of that quality originally 
present in the stock. This maximum yield is very closely 
approached in practice. 

Nitrobenzene has a high specific gravity and a low vis- 
cosity at the temperatures employed for extraction. As a 
result, mixing and settling in the extractor system are 
rapid and complete. The solvent does not attack the ordi- 
nary materials of construction and is stable at the temper- 
atures employed by the process. The boiling point is low 
enough to permit a complete separation of solvent and oil 
by simple evaporation and steam stripping. Nitrobenzene 
and water are practically immiscible and the separation of 
the 0.2 percent of solvent dissolved in water is very simple. 
At operating and storage temperatures the solvent is prac- 
tically non-volatile, and accordingly solvent losses are ex- 
tremely small. The supply of nitrobenzene is large and 
dependable, while its cost is relatively low. Eight years of 
experience including laboratory, semi-plant, and plant op- 
eration have shown that the material can be used without 
harmful physiological effects, confirming the years of ex- 
perience in the manufacture of nitrobenzene in the chem- 
ical industry. 

Nitrobenzene is distinctive in its high solvent power for 
asphaltic, naphthenic and aromatic compounds. As a result, 
the nitrobenzene process requires a low solvent oil ratio 
to produce a given yield of a given quality oil. These 
ratios vary from 0.5 volumes to 2 volumes of solvent per 
volume of oil. The importance of this property is apparent, 
since solvent recovery is the major cost item in solvent 
refining. 

Essentially the process consists of two steps: contacting 
the charge oil with nitrobenzene in a multi-stage counter- 
current extractor composed of a series of mixers and set- 
tlers; and then recovering the nitrobenzene from the raf- 
finate and extract solutions. The raffinate solution con- 
tains the paraffinic fraction of the charge stock in which 
some nitrobenzene has been dissolved, while the extract 
solution consists of nitrobenzene and the undesirable ma- 
terial which it has dissolved. The nitrobenzene recovered 
from these solutions is re-used. 

The flow of material is illustrated by the diagram on the 
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opposite page. The charge oil is first pumped through a 
water-cooled chiller and thence to a brine-cooled chiller, 
At this point it is diluted with extract solution from the 
second stage of the extractor. The mixture is then cooled 
to the operating temperatures and enters the first settler, 
Fresh or previously recovered nitrobenzene flows through 
an exchanger and cooler to enter the extractor at the fifth 
stage mixer, and flows through the extractor system coun- 
ter-current to the oil. The raffinate and extract solutions 
flow continuously from each settler into mixers or to the 
recovery system. The extract solution flows from extractor 
5 to extractor 1 in succession, while the raffinate solution 
flows from 1 to 5. The extract solution leaving extractor 
1 and the raffinate solution leaving extractor 5, in which 
it has been contacted with pure nitrobenzene, are ready 
for solvent recovery. 

The extractor system may be operated at constant tem- 
perature (40-80°F.) throughout or with a _ temperature 
gradient, as conditions dictate. Several modifications of the 
extractor system have been developed and can be applied 
as required by the stock to be treated and the products 
desired. 

The extract solution is heated in a series of exchangers 
and then delivered to the evaporators B where the nitro- 
benzene present is boiled off under reduced pressure, using 
closed steam as the heating medium. The nitrobenzene 
vapor is condensed for re-use. Plant operating pressures 
do not exceed atmospheric, and the maximum temperature 
used is 350°F. The extract leaving the evaporators contains 
about 1 percent nitrobenzene which is removed by strip- 
ping with open steam in-tower C. The raffinate solution 
is treated in a similar fashion in the evaporators D and 
stripper E. 

Any water which has been in contact with nitrobenzene 
in the process is collected in settler F. The nitrobenzene 
which separates is returned to storage or sent to evap- 
orator B for redistillation. The aqueous layer from settler 
F is heated by exhaust steam to about 125°F. and about 
15 percent of the water is vaporized under vacuum in 
evaporator G. The vapor, which contains all of the nitro- 
benzene in the water charged to evaporator G, is con- 
densed and returned to the separator. The unvaporized 
water is free of nitrobenzene and can be discarded. 

In general, oil of any quality up to Pennsylvania grade 
or better can be obtained from any distillate or residuum 
which contains any oil of this quality. The quality of the 
lubricating oil obtained is dependent on the degree of 
treatment. Over half a million barrels of charge stocks 
varying from light distillates (200 S. S. U. viscosity at 
100°F.) to heavy residuums (950 S. S. U. viscosity at 
210°F.) have been successfully processed at an average 
rate of about 2000 barrels per day in the plant at Phila 
delphia. The color reduction obtained ranges from 60 to 
over 90 percent. The yield depends on the composition of 
the charge stock and the quality of product desired. The 
quantities of nitrobenzene required vary from one-half vol 
ume per volume of charge oil upward and rarely exceed 
two volumes per volume of charge oil. 

The costs incident to the operation are: steam for heat 
ing and for distilling solvent, water for condensing and 
cooling, power for pumping, mixing and refrigeration, 4 
small amount of makeup solvent, and sufficient labor 
follow the opération of a continuous, automatically com 
trolled, low temperature, low pressure plant. 

The paraffinic oil made will have a higher A. P. I. grav 
ity, a better V. G. C. and V. I., a much lighter color and 
lower carbon residue than the charge stock. The extent 
which these improvements are carried depends on the 
gree of treatment used. j 

Nitrobenzene treatment removes those compounds which 
decompose in an engine to form sludge and produce stick- 
ing rings, loss of power and. generally unsatisfactory Ope 
ation. Hence a nitrobenzene treated oil has remar 
stability in use, minimizes the formation of sludge im the 
engine and provides continuous lubrication. 
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FLOW DIAGRAM OF NITROBENZENE EXTRACTION PROCESS 


COURTESY, ATLANTIC REFINING COMPANY 
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Phenol Extraction Process 





HENOL extraction has been demonstrating its ef- 
ficiency as a process for the manufacture of high 
quality lubricating oils since 1930, when the first com- 
mercial unit was installed at the Sarnia, Ontario, refinery of 
Imperial Oil Company, Ltd. Successful operation of this unit 
has led to installation of several other plants to satisfy increas- 
ing demand for high quality lubricants produced at low cost. 
The process, as licensed and engineered by The M. W. Kellogg 
Company, 225 Broadway, New York, N. Y., is very flexible in 
the type of charging stock which can be processed, and produces 
high yields of high viscosity index oils from distillates ranging 
in viscosity from light spindle to heavy motor oils, as well as 
from properly prepared residual stocks. Either dewaxed or wax 
bearing stocks can be treated with equal facility. In addition to 


improving viscosity index, the process is effective for reducing 
Conradson carbon, improving oxidation resistance and color, 


with the result that a minimum amount of filtering is required 
for finishing treatment. 


In operation, the charging stock is countercurrently con- 
tacted with anhydrous phenol at temperatures within the 
range of 110 to 200° F., depending upon character of stock. 
High carbon residue constituents, color bodies and naph- 
thenic compounds in the charge are dissolved in the sol- 
vent, forming the extract phase, and leaving the more 
paraffinic constituents, in which is dissolved a small amount 
of solvent, to form the raffinate phase. These phases are 
separated by virtue of the difference in specific gravity. 
Solvent is recovered from both phases by distillation. 

Conventional settling tanks are used in most existing 
plants as a means of separating the raffinate and extract 
phases between the contacting stages. One of the recent 
plants uses centrifuges for this purpose. However, the 
latest development is the application of a vertical packed 
tower in place of the alternate mixing and separating 
stages, which offers many advantages in simplicity of op- 
eration and low first cost. 

In a countercurrent tower, solvent is fed continuously 
into the upper part of the tower, and raffinate is continu- 
ously withdrawn above this point. Charging stock is fed 
into the tower near the bottom and extract is withdrawn 
below the feed point. The countercurrent tower has the 
additional advantage of reducing the quantity of solvent 
required for charging the system, and, due to the uniform 
liquid levels maintained in the tower, the intermediate 
storage capacity required between the tower and solvent 
recovery equipment is very small, effecting a further re- 
duction in solvent inventory. 

Another development in connection with the process which 
has proved to be a simple and economical means of increasing 
the yield of raffinate oil, is the injection of a small quantity of 
water into the treating tower at the oil feed point. Water so 
introduced goes into solution with the extract phase, thereby 
reducing solubility of oil constituents in the solvent, which re- 
sults in the liberation of a recycle stock containing the more 
paraffinic constituents normally present in the extract phase. 
This recycle stock rises to the upper portion of the tower with 
the feed stock, and is treated with anhydrous solvent introduced 
at the top of the tower. In other words, the quality of the 
raffinate oil produced is determined by anhydrous phenol in- 
troduced at the top of the tower, while the quality of the ex- 
tract oil is determined by the wet phenol at the bottom of the 
es with the net result of materially increased raffinate oil 
yields. 

Another development resulting in a simpler and more eco- 
nomical plant is the means now employed for water separation 
and elimination. All solvent extraction processes find it neces- 
sary to provide for separation of solvent and water, and elimi- 
nation of water from the system. Various methods such as 
salting out, chemical drying, and redistillation, are employed, 
all of which are complicated. Water and phenol, forming a 
constant boiling mixture containing about 9 percent by weight 
of the latter, are easily and economically separated by passing 
the vapor of the mixture in countercurrent flow to untreated 
oil, leaving as a residual vapor substantially pure water. 

A further improvement in plant design is the application of 
multiple effect evaporation of solvent from the extract phase, 








in which latent heat from condensation of solvent vapors from 
the higher pressure stage is utilized to vaporize solvent in the 
lower pressure stage, resulting in reduced fuel and water costs, 

A simplified flow diagram of a plant utilizing the above de- 
scribed developments is shown on the opposite page. Raw stock 
and dry phenol are fed into treating tower “A.” A portion of 
the feed stock flows through the phenol absorber, where it re- 
moves phenol from phenolic water constant boiling mixture, be- 
fore entering the treating tower. Raffinate phase is withdrawn 
from the top of the treating tower to accumulator “C,” from 
which it is fed through a heat exchanger and through a coil in 
furnace “D,” and is flashed into raffinate tower “E,” at sub- 
stantially atmospheric pressure. The raffinate oil is stripped 
free of solvent in the lower part of this tower with steam, and 
is withdrawn from the bottom to storage. Steam and solvent 
vapors flow from the top of the tower into phenolic water tower 
“G.” The extract phase is withdrawn from the bottom of the 
treating tower to accumulator “B,” from which it is fed through 
heat exchangers, in which heat is absorbed from hot liquid 
phenol and from high pressure condensing phenol vapors, and 
thence into an atmospheric pressure evaporator “F.” Wet phe- 
nol vapor from the evaporator flows with other wet phenol 
vapor into phenolic water tower “G,” in which phenol is sepa- 
rated from water. Constant boiling phenolic water vapor is 
withdrawn below the pan in the tower through a condenser to 
accumulator “I,” from which it is recycled to the bottom of the 
treating tower. A portion of the phenolic water vapor flows to 
the upper part of tower “G,” in which it is contacted with un- 
treated oil as previously described. Substantially pure water 
vapor flows overhead from the top of the tower, is condensed 
and flows to accumulator “J.” Water from accumulator “J” is 
vaporized by heat exchange, superheated in a coil in the fur- 
nace and utilized for stripping steam in raffinate tower “E,” 
and the extract stripping tower “H,” thus recycling through 
the system. Anhydrous phenol is condensed in the bottom of 
tower “G,” being dried by reboiling with high pressure phenol 
vapor from tower “H.” 

Liquid from evaporator “F,” containing about’ half of the 
phenol in the extract phase and extract oil, is fed through a 
coil in the furnace and flashed at about 60 pounds in the high 
pressure section of extract stripping tower “H.” Phenol vapor 
from this section is condensed by exchange with incoming ex- 
tract solution and accumulates in the bottom of tower “G” 
along with the phenol from evaporator “F.” Liquid phenol 
from the bottom of “G” flows through a heat exchanger and 
cooler into the dry phenol storage tank. Bottoms from tower 
“H,” containing a small amount of phenol, are flashed at at- 
mospheric pressure in the upper section of the tower and 
stripped with steam. The stripped extract oil is withdrawn 
from the bottom of this section of the tower. 

Below are shown some typical results obtained in a countet- 
current tower with the addition of water to the extract phase. 
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Treating Temperature, °F............ 170 151 127 
Raffinate Yield, percent............. 80.4 75.1 79.3 
Inspections, Untreated Oil Waxy Dewaxed 
» AEST Rpt eae eee tora 26.4 25.4 20.4 
Viseosity @ 210° F................ 56.7 47.3 728 
Viscosity 3 A Aer 124.7 oe ase 
Viscosity ET ick stoedatads é eins 247 1171 
CN SEMIIID, 5 60.2% dp 6 ees ccs en 0.24 siete% see 
a Miia cS ig ace dedcw's ceaes 1 see 
CREE Gn 5. bro ain eh SAI Ds ow oes 480 425 
MTs bs css ots cuenaeweoaeaiod 545 cake eee 
EEG ETS SRE 78 70 20 
a whoa in vtlnes Dens onenales 833 -850 sees 
———— 
Dewaxed 
and 
Raffinate Oil Percolated | Percolated 
RS Se SE eee se 30.1 31.4 24.8 
Viscosity @ 210 °F..... 2.0.0.0... 54.7 44.9 65.3 
Viscosity @ 100 °F.............4-- 335 176 698 
OS ok SAR AGE re ed 15 17% seer 
ee Sinn hws ad Peis cee bameant 5 5 * 
ee Ree re F .005 a 
Sai COIARIONE: i oc ovic co cue ce kuccs 2.0 2.8 
fe EE ea Oar Ge 99.6 99 62___ 





The M. W. Kellogg Company has been appointed licensing agent for the 


process for the United States and foreign countries. 
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FOR LUBRICATING OILS 


 gosnaninge the most remarkable development in the 
history of refining heavy oils for production of lu- 
bricants has been the development of the use of liquid 
propane as a solvent (or, more accurately, an anti-sol- 
vent) for removal of asphalt, wax and undesirable con- 
stituents from lubricating fractions. While many se- 
lective solvents are in use no other single solvent ap- 
proaches the varying selective qualities of liquid propane under 
different conditions of temperature and pressure. 

Propane processes in commercial use include propane de- 
waxing, propane deasphalting and deresining, acid treating in 
propane solution, and selective solvent extraction in the pres- 
ence of propane. Results accomplished by these processes in- 
clude practically all phases of improvement through which a 
good lubricating oil must pass. 

Propane deasphalting and deresining remove asphalt and 
heavy ends which must be eliminated in order to produce a 
finished oil with good color, low carbon forming tendencies, and 
resistance to oxidation. Acid treating in propane can be used 
to further improve color and increase stability. Propane de- 
waxing effects complete removal of wax for production of oils 
of minimum pour test, and selective solvent extraction removes 
naphthenes and thus gives viscosity index improvement. 

Propane owes its versatility and advantages as a solvent to 
its low viscosity, low solvent power for wax at reduced tem- 
peratures, and unusual solvent action on oils at temperatures 
slightly above normal. 

At ordinary temperatures (80 to 100°F.) oil and propane are 
completely miscible, but as the temperature of the solution is 
raised, non-paraffinic components of the oil are thrown out. 
The order of insolubility is such that at temperatures around 
120°F. all material classed as asphalt is precipitated. As the 
temperature is carried higher, a separation of color bodies and 
carbon forming cofistituents is effected. Finally, at a tempera- 
ture of 212.2°F., the critical temperature of propane, no vis- 
cous oil remains in-solution. This behavior is radically different 
from ordinary laws of solubility change with temperature. On 
the other hand, when the temperature of oil propane solutions 
is reduced below normal, the ordinary solution laws take effect 
and wax is crystallized from the solution and may be readily 
removed by filtration at high rates because of the low viscosity 
of the propane solution. 

Used in combination with other selective solvents, propane 
retains its tendency to separate oil from undesirable asphalts 
and naphthenes and tends to accentuate the results expected 
from the selective solvent. 

When acid treating is carried out in propane solution, only a 
small fraction of the quantity of acid is required to produce re- 
sults comparable to those treating without the use of propane. 
Loss of oi] to sludge is correspondingly decreased. Moreover, 
the decrease in viscosity attending the use of propane eliminates 
troublesome emulsions and permits higher settling rates and 
clean phase separations, even when treating heavy residua. In 
selective solvent treating processes, propane displays its non- 
solvent properties towards the undesirable constituents and at 
the same time retains its affinity for paraffinic constituents. The 
two solvents act to select and reject components of the oil, re- 
sulting in clean separation of naphthenic extract and high yield 
of refined oil. 

The general. applicability and efficient action of propane is 
not its only recommendation. Propane is available in ample 


quantities and can be produced as a liquid at low cost in prac- 
tically every refinery, Propane is a very satisfactory refriger- 
ant and in the propane dewaxing process it employs the prin- 
ciple of “self-refrigeration,” with resultant saving in heat ex- 
change apparatus. The extremely low viscosity of propane per- 
mits use of low solvent ratios in dewaxing, with resultant 
economy in refrigeration and cost of solvent recovery. The 
low viscosity of chilled propane oil solutions permits high 
dewaxing filter rates at low pressure differential (5 lbs.) in 
continuous filters now in use. Propane is non-toxic, non- 
corrosive, extremely stable, and is stored readily as a liquid. 

A photograph and flow sheet of a recent propane installation 
for making lubricating oils are shown on the opposite page. 
This is a propane deasphalting and propane dewaxing plant 
charging Mid-Continent reduced crude, designed and construct- 
ed by The M. W. Kellogg Company, 225 Broadway, New York, 
N. Y., licensing agents for propane processes. 

The flow of materials through the plant is as follows: Pro- 
pane from storage tank “A” is mixed with residuum charge 
“B” and the solution sent to asphalt settler “C”’, where the as- 
phalt settles continuously by gravity to the bottom. Carrying a 
small amount of dissolved propane, the asphalt goes continu- 
ously to asphalt depropanizer “M”. 

The deasphalted solution coming off the top of asphalt 
settler “C” flows through a heater and to vessel “D”, where the 
propane is partially removed, and then passes to deasphalted 
solution tank “E”. From this tank the solution is pumped to 
chillers “F”. In the chillers, the solution is cooled by direct 
evaporation of propane from the solution, which propane is 
handled by compressor “O” and returned through a condenser 
to propane storage tank “A”. Cold propane, chilled by ex- 
change with dewaxed solution, is added to the chiller from 
tank “H” to replace the propane vaporized and maintain a con- 
stant oil propane ratio as chilling proceeds. The chilled solu- 
tion is transferred from the chiller to filter feed tank “G”, from 
which it is pumped continuously to filters “J”. 

These are continuous pressure filters, rotary drum type, 
operating with a positive propane gas pressure differential 
of about five pounds maintained in the filter shell by com- 
pressor “P”. The filter drum, partially submerged in chilled 
solution and partially exposed to propane gas, continuously 
forms, dries and discharges a wax cake which is scraped 
off in the screw conveyor in the filter shell. Wax and de- 
waxed solution are pumped separately to their respective 
depropanizing units “K” and “L”. 

The three depropanizers, “K”, “L” and “M”, handling wax, 
dewaxed oil and asphalt, respectively, each contain a high pres- 
sure section from which a majority of the propane in each 
product is returned direct under its own pressure through a 
condenser to the propane storage tank “A”. Each product then 
passes to a low pressure section, where additional propane is 
vaporized and goes to the compressors “M” and a final strip- 
ping stage where the last traces of propane are removed and 
from which products are pumped to storage. 

Operating costs in propane dewaxing are unusually low be- 
cause of low solvent ratio used, extensive use of low pressure 
steam for solvent recovery, direct chilling of the solution by 
propane evaporation, and efficient recovery of refrigeration by 
exchange of clean dewaxed solution against pure propane. 


Used without deasphalting on distillates and with deasphalt- 
ing on asphalt bearing residues, propane dewaxing gives hig’ 
yields and efficient results on any type of wax bearing 0”. 
Combinations of the various processes using propane as a Com 
mon solvent all the way through, result in economical treating 
and dewaxing installations. 
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S=N Dewaxing Proeess 





HE Separator-Nobel dewaxing process is char- 
acterized by the use of chlorinated hydrocarbons 
as solvent and by the special design of the centri- 
fuge. Besides being excellent dewaxing solvents 
from an oil-dissolving and wax-precipitating point of 
view, the chlorinated hydrocarbons (trichlorethylene, 
carbontetrachloride, methylenchloride, dichlorethane, 
etc.) have a high specific gravity and low boiling 
point. They are non-inflammable, whereby fire haz- 
ard is eliminated. 

High specific gravity of solvent means low dilution 
required to obtain the necessary difference in specific 
gravity between the oil-solvent blend and the wax to 
be centrifuged out. Low dilution results in low first, 
and operating costs at the chilling plant. 

Since the oil-solvent solution is heavier than the 
wax, the latter “floats” on the liquid in the centrifu- 
gal bowl, whereby the continuous discharge of the 
semi-solid wax is rendered easy and independent of 
the nature of the wax. 

Another advantage of the high specific gravity of 
the solvent is that it can be stored under a water 
blanket, since it is immiscible with water. Evapora- 
tion losses during storage are thus eliminated. Low 
boiling point, low specific and latent heat render the 
distillation of the solvent from the separated oil and 
wax an easy, inexpensive operation. 

Of the many chlorinated hydrocarbons tried by 
the Separator-Nobel Company, Stockholm, Sweden, 
when developing this process, trichlorethylene 
(C,HCI,) has proved suitable for most kinds of oil. 
Its principle physical properties are shown below: 


meee grammy at GO°F... . 22... ccc cece ccc eens 1.476 
iia adie bse oo eed ced pave ve dane es 188°F. 
EE 6 Sa choos ene ks ccwdses 0.23 B.t.u./lb. and °F. 
et, as os aka oe bse eens 101 B.t.u/\b. 


Solubility of water in tri at 50°F...0.017 percent by wt. 


Trichlorethylene dissolves asphaltic bodies present 
in the oil, transferring them into a non-inhibitor 
state so that even asphaltic residues can be dewaxed 
without previous detarring, and a wide range of 
mixed base crudes can be used to manufacture lubri- 
cating oils. It is non-corrosive, does not hydrolize 
nor decompose on heating up to about 265°F. When 
distilling with steam at below 265°F., there is no 
danger of corrosion. 

The dewaxing centrifuge differs from the usual 
type of centrifuges as far as design of bowl and 
receptacles is concerned. The semi-solid wax is au- 
tomatically and continuously discharged from the 
central part of the bowl into a steam heated wax 
receptacle, whereas the dewaxed cold oil solution is 
discharged into a carefully heat-insulated receptacle 
because this solution is generally used for pre- 
cooling the fresh oil-solvent blend. 

The centrifuge is vapor-tight and provided with 
sight control glasses at inlets and outlets. It has a 
capacity of 50 to 120 barrels of oil per 24 hours, 
depending on wax content and viscosity of the lub- 
ricating stock. 


Besides the centrifuges the dewaxing plant com- 
prises apparatus for blending oil and solvent refrig- 








erating plant and chillers (crystallizers) and distill- 
ing plant for solvent recovery. The plant can be de- 
signed for continuous or intermittent treatment. 
Continuous chilling means lower plant and refriger- 
ating costs, less solvent required on hand, simpler 
operation, etc., and is thus preferable to batch chill- 
ing. The diagram shows a complete S-N dewaxing 
plant for continuous operation. 


Oil is heated to an appropriate temperature for blending, 
which takes place in the mixing column 4 at about 100- 
120°F., depending on the characteristics of the oil. From 
the mixing column the oil passes into a vertical cooler 5, 
where it is pre-cooled by the cold solution discharged from 
the centrifuges 11. Chillers 6 and 7 are equipped with agi-. 
tators in the top and work with direct expansion of am- 
monia from refrigerating plant 8-10. From chiller 7 the 
solution flows into centrifuges 11 at the desired separating 
temperature; normally about minus 20°F. 

The dewaxed solution, after passing through pre-cooler 
5, is preheated in 12 by means of overhead solvent vapors 
from the stills and is then passed through steam pre- 
heater 3 into still 13, where it is heated to about 230° F. by 
indirect exhaust steam, the last traces of solvent being 
driven off by means of live steam. The solvent-free oil may 
to advantage be flashed into a vacuum drum for the re- 
moval of entrained water, so as to give a bright stock. 

When treating oil containing only a small percentage of 
wax, the wax discharged from the centrifuges may be 
stored and run into the solvent-removed still for oil, when 
the centrifugal plant is shut down. For oils containing a 
reasonably large percentage of wax, a separate solvent- 
removal still for the wax should be used. 


The overhead solvent vapors and steam from stills 13 
and 15 are condensed in 17 and the water is separated from 
the solvent in static tank 18, from which the solvent may 
be returned to the blending, thus starting the circuit again. 


The quantity of solvent to be added to the oil depends on 
the wax content and viscosity of the oil. For instance, 
when using trichlorethylene as a solvent the proportions of 
oil and “tri” usually vary between 60 and 40 parts of oil 
to 40 — 60 parts of “tri” by volume. This comparatively low 
dilution means low refrigerating and solvent distilling cost. 


The economy of the process is improved by the fact that 
chilling can be carried out comparatively rapidly, owing to 
the special kind of solvent and type of centrifuges em- 
ployed. Thus, experience has shown that appropriate pre- 
cipitation of the wax is usually obtained when chilling at 
an average rate of 10-15°F. per hour. Only in exceptional 
cases as slow a chilling as about 8°F. per hour need be re- 
sorted to, whereas usually the chilling of the warm oil so- 
lution from 110°F. down to —20°F. requires only about 
10 hours. 

In regard to the degree of chilling, it is difficult to give 
any general rule. As is the case with the proportions of oil 
and solvent, the chilling temperature has to be adapted to 
each particular oil, since the difference between the lowest 
chilling temperature and the pour point of the dewaxed ot 
varies considerably with different oils. 

The loss of solvent through evaporation has proved im 
practice not to exceed 0.3—0.4 percent by weight of the 
quantity of oil treated. 

The steam consumption for pumps, heating, distillation, 
etc., may be estimated at 50— 80 pounds of live steam an 
200 — 350 pounds of exhaust steam per 100 gallons of oil. 
The corresponding water requirements are about 1000— 
2000 gallons. 

An S-N dewaxing plant of average size can be operated 
with three men, one for pumps and refrigeration, one for 
the solvent still, and the third to operate the centrifuges. 

Taking all the above mentioned items as well as depré- 
ciation, repairs and overhead into consideration, and aS 
suming a total plant cost of about $150,000 for a 500-barrel 
plant, the total operating cost works out to $1.00 — $1.90 
per 100 U. S. gallons of oil, depending on the wax content 
and other characteristics of the oil. 
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CENTRIFUGAL DEWAXING 


HE Sharples Bari-Sol process of centrifugal de- 

waxing has been so named for the reason that it 
makes use of solvents which are heavier than either 
the oil to be treated or the wax to be separated 
therefrom. The use of heavy solvents in the centrifu- 
gal dewaxing of lubricating oils has been a subject 
of investigation by The Sharples Specialty Company 
and Max B. Miller & Company, Inc., ever since the 
early days of the development of centrifugal dewax- 
ing. This material is presented here through the 
courtesy of Max B. Miller & Company, Inc., 501 
Fifth Avenue, New York, N. Y. 

It was recognized at that time that a solvent 
which was sufficiently heavy to cause the wax to be 
lighter than the oil solution would allow the wax 
to be withdrawn from the center of the centrifugal 
rotor by mechanical means as an alternative to the 
use of naphtha as a solvent which throws the wax 
to the outer surface of the rotor where a carrier 
liquid is required to control the continuous discharge 
of the wax. In consequence, it was recognized that 
a centrifugal operation employing a heavy solvent 
would permit the centrifugal dewaxing of lubricat- 
ing oil stocks of all character irrespective of the 
crystallinity of the wax contained in the oil. 

In the initial investigations the use of heavy solv- 
ents did not seem to be justified at that time. Most 
refiners were already equipped with presses for the 
removal of wax from overhead products. The de- 
mand of the industry was for a process suitable for 
the dewaxing of residual or heavy overhead stocks 
containing amorphous wax, and, in consequence, a 
centrifugal process employing naphtha as a solvent 
seemed to be all that was required. 

Today, however, the situation has changed. The 
processes of hydrogenation, solvent extraction, and 
vacuum distillation have all tended to require a de- 
waxing plant which would handle any kind of lubri- 
cating stock irrespective of the degree to which it 
has been refined, the color of the oil, or the crystal- 
linity of the wax. 

The Sharples Bari-Sol process of centrifugal de- 
waxing has several advantages. Any lubricating 
stock may be successfully dewaxed. The stock may 
be dewaxed either in its raw residual state or after 
distillation, hydrogenation, or solvent extraction. It 
will handle paraffine distillates and not only produce 
therefrom an oil of satisfactory cold test but a wax 
which will readily sweat. The pour test of the fin- 
ished oil closely approaches the temperature at 
which the oil is centrifuged. The dilute stock may be 
chilled at a rapid rate with a relatively large tem- 
perature differential between the oil and the chilling 
medium. The temperature rise of the wax-free oil 
dilution through the centrifugals is low, which per- 
mits a maximum heat recovery and by which refrig- 
eration requirements are held to a minimum. The 
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operation is carried on at atmospheric pressure. The 
dewaxed oil yield after washing is unusually high. 

The flow diagram on the opposite page shows a Sharples 
Bari-Sol Centrifugal Dewaxing Process Plant at the Ponca 
City, Oklahoma, Refinery of the Continental Oil Company, 
The solvent is a mixture of ethylene dichloride and benzol, 
This mixture is readily available at a reasonable price, is 
stable, and is easily recoverable. 

A description of the manner in which the process op- 
erates follows: Stock, solvent and recovered oil dilution 
(from the rerun centrifuges) are blended in a homogeneous 
mixture in the heating and blending tank, which is pro- 
vided with suitable agitator and steam coils for heating, if 
necessary. The blended stock and solvent dilution, in pro- 
portion of approximately three parts of solvent to one of 
stock, is then charged in series first through the exchanger 
chilling machines, countercurrent to the cold dewaxed oil 
dilution, and then through the direct ammonia expansion 
chilling machines to the primary centrifuges. 

The capacity of the charging pump through the chilling 
machines is controlled by a pressure control actuating a 
pilot valve operating on the steam supply to the charge 
pump. 

The dilute dewaxed oil discharges from the primary 
centrifuges to a run tank and is then transferred to the 
solvent recovery unit at the plant capacity rate through 
the exchanger chilling machines countercurrent to the 
processing stock for the recovery of refrigeration. 

The waxy stream discharged from the primary centri- 
fuges flows to a run tank from which it is charged at the 
plant capacity rate to the rerun or secondary centrifuges. 
At the ends of the rundown header to the run tank cold 
solvent make-up is added in order to assist the flow of the 
waxy discharge to the run tank and to increase the solvent 
to waxy oil ratio. The temperature of the make-up solvent 
is such that the composite temperature of the make-up 
solvent plus the waxy discharge from the primary centti- 
fuges permits the rerunning of this dilution at a slightly 
lower temperature than that at which the primary centri- 
fuging was carried out. The run tank is provided with a 
slow-speed wide-sweep agitator to insure a uniform blend 
of the waxy discharges from the centrifuges and the 
make-up solvent. 

The recovered oil dilution discharge from the rerun or 
secondary centrifuges flows to a run tank and from here 
is discharged at the plant capacity rate to the blending 
tank and hence to the primary centrifuges in the manner 
heretofore described. On the way to the blending tank the 
recovered oil dilution is exchanged with the solvent make- 
up of the rerun centrifuges through a shell and tube type 
exchanger for recovery of refrigeration. 

The petrolatum dilution discharged from the rerun cen- 
trifuges flows into a run tank and is then transferred to 
the solvent recovery unit for the continuous recovery of 
solvent. Means are provided whereby warm petrolatum is 
circulated through the rundown lines to assist the flow of 
the centrifuge discharge to the run tank. 

Provisions are also made for recovery of solvent from 
the vent lines of the centrifuges and process tanks and of 
slop from the. cleaning room and the recharging of this 
solvent to the solvent recovery system. 

Provisions are made so that dewaxed oil is furnished 
under pressure to the gland seal rings of the chilling ma 
chines and of pumps handling solvent or solvent dilution 
so that there will be no loss of solvent in leakage from 
this source. 

Refrigeration by means of diréct ammonia expansion 1S 
provided for the chilling of the processing stock dilution 
in the direct ammonia type ‘chilling machines and for the 
make-up solvent to the rerun centrifuges in a shell and 
tube type cooler beyond the point where it is possible 
chill these streams by means of recovered refrigeratio® 
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Sharples Dewaxing Process 





HE Sharples Process of centrifugally dewaxing 

lubricating oils has been in commercial opera- 
tion for 15 years, during which time over 50 plants 
have been put into operation in this and several 
foreign countries. 

The Sharples Process was originally developed for 

the separation of amorphous waxes from residual 
and heavy overhead stocks. Even in the light of 
present-day developments in the art of producing 
lubricating oil, it is still considered the simplest and 
most economical process for its particular purpose. 
Its principal disadvantage comes from its limitation 
to dewaxing satisfactorily only those stocks for 
which it is suitable. 
* No special solvents or solvent recovery system is 
required. While in practically all of the present in- 
stallations naphtha is used as a diluent, considerable 
leeway is possible in the characteristics of the 
diluent utilized, ranging all the way from a naphtha 
of 60 A. P. I. gravity to hexane of 81 A. P. I. grav- 
ity. Hence the solvent is available at any refinery 
and an ordinary atmospheric reduction unit, usually 
an existing one, may be utilized for the solvent re- 
covery. Since the dewaxing operation is carried out 
under atmospheric pressure in vapor-tight centri- 
fuges and since the diluent is easily recovered from 
both the stock and petrolatum, solvent losses are cut 
to a minimum. Comparatively low solvent dilution 
ratios are required, and oil yields, without the neces- 
sity of either re-running or washing, are high. 

The flow diagram on the opposite page illustrates 
the design of a modern Sharples Dewaxing Process 
plant and is presented through the courtesy of Max 
B. Miller & Company, Inc., 501 Fifth Avenue, New 
York, N. Y. Stock and solvent, in their proper pro- 
portions and at approximately the plant capacity 
rate, are pumped from their storage tanks through 
an orifice mixer and dilute stock heater to a blending 
and surge tank; the dilution being heated to 100° F., 
maintained by a temperature controller located in 
the steam supply to the heater. The dilute stock held 
in temporary storage in the blending-tank is kept in 
a homogeneous blend by means of an agitator. 

The stock dilution is then pumped continuously 
through a series of vertical chilling towers where it 
is chilled at a uniform rate to the centrifuging tem- 
perature; first countercurrent to wax-free oil dilution 
and then by transfer with cold anhydrous ammonia. 
The flow of dilute stock through the chilling system 
is maintained at the plant capacity rate by means of 
a constant pressure control located at the outlet of 
the last and coldest chilling tower and controlling 
the charge pump. The constant level tank maintains 
a positive and constant head on the feed to the cen- 
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trifuges, irrespective of the plant capacity rate or the 
number of centrifuges in operation. 

Dilute wax-free oil is discharged continuously 
from the centrifuges and is collected in rundown 
headers running to the wax-free oil tank. From this 
tank the wax-free oil dilution is transferred to the 
reduction unit through the wax-free oil chilling 
towers countercurrent to the processing stock dilu- 
tion for primary chilling by means of recovered 
refrigeration. Before being used as a chilling me- 
dium, the wax-free oil dilution is increased in vol- 
ume by returning some of the warm free oil leaving 
the chilling coils of the first and warmest chilling 
tower and then is further chilled in a direct ammonia 
expansion type cooler. By use of wax-free oil as a 
chilling medium a large proportion of the total re- 
frigeration requirements of the process is accom- 
plished by means of recovered refrigeration. -The use 
of a small amount of warm wax-free oil make-up 
insures each of the vertical exchanger type chilling 
towers doing their proportional share of the chilling 
load by compensating for the loss in volume due to 
the petrolatum produced and also for the difference 
in specific heat between the processing stock and the 
wax-free oil necessarily due to the latent heat of 
the wax. 

Petrolatum is also discharged continuously from 
the centrifuges, assisted by a small amount of warm 


water supplied to each centrifuge as a carrier liquid, 
which melts the wax and permits it to flow to its run 


tank by gravity. The wax and water flows to the 
middle or separator compartment of a three-com- 
partment tank where they are separated by gravity, 
the wax passing through one partition plate to the 
wax side and the water through the opposite parti- 
tion to the carrier liquid compartment. All three 
divisions of this tank are provided with steam coils 
for maintaining the wax and water at the proper 
operating temperatures. The carrier liquid operates 
on a closed system so that the make-up is negligible. 
Provisions are also made for periodic skimming of 
the carrier liquid of any accumulations of petrolatum. 

The chilling of the processing stock dilution be- 
yond the point where it is possible by recovered 
refrigeration from the wax-free oil, is accomplished 
in the ammonia chilling towers by a liquid to liquid 
transfer between the stock dilution and anhydrous 
ammonia, which is maintained at the proper operat 
ing temperatures by means of special regulating 
valves. 

In the refrigeration system a booster compressor 
is utilized for the maintenance of a vacuum on the 
accumulators of the direct expansion ammonia chill- 
ing towers, discharging the ammonia vapors to the 
suction of the main two-stage compressor. 
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Solvent Dewaxing Process 











HE Solvent Dewaxing Process employs a mix- 

ture of dimethyl ketone (acetone) or methyl- 
ethyl ketone with benzol to result in obtaining a pour 
test on dewaxed oil equal to or within a few de- 
grees of the dewaxing temperature. In addition to 
low pour tests the dewaxed oils are free from wax 
cloud. Either distillate or residual stocks, of any 
viscosity, can be dewaxed with ease. This discussion 
is presented here through the cooperation of the 
Texaco Development Corporation, 135 East 42nd 
Street, New York, New York; licensors of the pro- 
cess. 

The wax precipitated from the chilled solution is 
particularly adaptable to removal by filtration in 
either pressure or vacuum filters. The dewaxed oil 
yields are high and may be further increased to prac- 
tically complete separation of oil from wax by the 
use of a cold displacement wash on either type of 
filtration equipment with no rise in pour test. 

The process has been proven commercially, and 
is widely used, the original plant having been in 
successful operation at the Lawrenceville, Illinois, 
refinery of the Indian Refining Company since 1927. 
During this period the plant has dewaxed distillate 
oils, normally ranging in viscosity from 40 seconds 
Saybolt at 210°F. to 160 seconds Saybolt at 210°F., 
from Mid-Continent, Kentucky, and Illinois crudes 
with pour tests ranging from 0°F. to —35°F., both 
conventionally and solvent refined. This installation 
has a capacity of 1000 to 1500 barrels per day when 
dewaxing to—5°F. Pour Test. In addition to the 
above plant, a total of over 6000 barrels daily capac- 
ity are in operation at refineries of Atlantic Refining 
Company, Gulf Refining Company, Herbert Green 
& Company, Ltd., and The Texas Company; pro- 
cessing a wide variey of wax-bearing stocks, includ- 
ing Pennsylvania stocks, residual oils and distillate 
oils of high and low wax content. At present 
(March, 1936) four additional plants are nearing 
completion, with four more to start construction 
soon. Simplicity of operation, flexibility, relatively 
low costs and the ability to obtain very high de- 
waxed oil yields are additional characteristics of the 
process. 

The use of a closed flue gas system minimizes 
solvent losses so that the actual solvent loss is neg- 
ligible. Solvent dosages vary from a solvent to oil 
ratio of 2.0 to 1 to a ratio of 4 to 1, depending upon 
the nature and viscosity of the charge stock. 

The proper proportion of solvent to oil may be 
charged to a heating and blending tank before chill- 
ing or may be mixed continuously by proportioning 
devices and charged directly to the chillers. For oils 
having wax contents similar to Mid-Continent dis- 
tillates, it is not necessary to bring the wax into 
complete solution. At several of the installations the 
oil and solvent are mixed at the temperature re- 
ceived without additional heating. With high vis- 
cosity or residual oils heating to complete solution 
is desirable, although not essential, for improved 
filtering rates and yields. Heating charge to complete 
solution can be easily carried out with continuous 
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mixing by means of the heating and cooling facili- 
ties indicated on accompanying flow diagram. 


The chilling system consists of the conventional 
horizontal, double-pipe chillers equipped with scroll 
conveyors for removal of the precipitated wax from 
the chilling surface. Initial chilling is accomplished 
by exchange with cold dewaxed solution. The re- 
maining chilling is accomplished by circulating brine 
or by properly controlled direct ammonia expansion 
in the outer pipes of double pipe chilling machines. 
The chilling system is so designed that there is no 
pumping of the chilled solution with consequent de- 
struction of the precipitated wax crystals. Charge 
solution is pumped through the chillers directly to 
filters. 


Due to low temperature differential between the dewax- 
ing temperature and the pour test, chilling temperatures 
are relatively high. This low differential, accompanied by ' 
a large refrigeration recovery from both dewaxed solution 
and wax mixture, results in relatively small net refrigera- 
tion requirements. 

Pressure filtration equipment consists of filters of the 
rotating-leaf type. The slack wax cake is discharged with- 
out opening the filter. This is accomplished by means of a 
flue gas back-blow into the rotating filter leaves, which 
causes the slack wax or petrolatum cake to discharge from 
the leaves to a screw conveyor for removal from the filter 
shell. Filters may be either heavily insulated or installed in 
a cold room, the former being the method in general use. 
With a cold room installation the filters are operated by 
means of remote control outside of the press room. 

Totally enclosed drum type filters are used for vacuum 
filtration, as illustrated by the flow diagram on the oppo- 
site page. An installation of this type has been in opera- 
tion on a commercial scale for some time and other instal- 
lations are now being made. 

The pulping action of the screw conveyor upon the 
“slack wax” or “petrolatum wax” cake renders it easily 
pumpable. The wax cake, containing as ice any water in- 
advertently entering the system, is picked up by a rotary 
pump and pumped through a heat exchanger, or heater, to 
a settling tank at a temperature of about 80°F. In this 
settling tank water separates from the wax and is with- 
drawn. The wax solution is then pumped to solvent re- 
covery equipment. The dewaxed solution is _ likewise 
pumped to solvent recovery equipment after exchange for 
recovery of refrigeration. 


Solvent recovery from wax free oil and wax cake solu- 
tions respectively is accomplished in two stages. The 
ketone and the major part of the benzol are first removed 
by means of either closed steam or direct fire and the re- 
maining benzol removed by open steam stripping. Atmos- 
pheric distillation is generally employed. In no event is use 
of any equipment of special design required. Both strip- 
pers from wax free oil and “slack wax” or “petrolatum” 
are of the same design. 


Any ketone dissolved in water withdrawn from the wax 
dehydrating tank or steam stripper decanter is recovered 
in a small ketone fractionator. 


The process successfully produces low pour test oils 
free from wax cloud with high yields. Due to extremely 
low solubility of wax in the solvent, lower than for any 
petroleum hydrocarbon, low pour tests can be obtained at 
relatively high separation temperatures, rather than the 
very low temperatures usually required. If the need arises, 
extremely low pour tests can be obtained, due to the nar- 
row difference between separation temperature and re- 
sultant pour test. With a given temperature consistent re- 
sults are obtained, as the solvent precipitates the waxes sO 
that they are readily removed by simple filtration. There 
are no corrosion or erosion problems and all low pressure 
equipment is used. 
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De Laval Aeid Treating Proeess 





HE De Laval continuous acid treating process 

as developed by The De Lavai Separator Com- 
pany, 165 Broadway, New York, N. Y., is applicable 
to the refining of the complete range of oils from 
cracked naphtha, pressure distillate, kerosene, etc., 
down to heavy cylinder stocks with viscosities as 
high as 200 S. S. U. at 210°F. 

A feature of this process is the De Laval Acid 
Sludge Separator of which several types are available. 
As this centrifugal separator instantaneously and 
completely separates the acid sludges from the vari- 
ous oils and continuously discharges both oil and 
sludge, the time of contact between acid and oil may 
be carefully regulated to the optimum, rather than 
being determined by the length of time required for 
the sludge to settle by gravity. 

While the problem of acid treating light oils is 
somewhat different from the refining of heavy lubri- 
cating stocks, with the exception of a few details of 
design, the same equipment is in general, used. The 
continuous process has been made feasible by the de- 
velopment of a highly specialized centrifugal sepa- 
rator and, of almost equal importance, by the de- 
velopment of properly designed auxiliary equipment 
to effect the proper treatment of the oil and at the 
same time to put it in such condition that the sludge 
can be most efficiently removed by the centrifugal 
machine. As the acid and oil are carefully metered, 
continuously mixed and subjected to a predetermined 
degree of mechanical agitation, the acid is more effi- 
ciently utilized with a consequent reduction in acid 
requirements. 

The proper control of contact time between acid 
and oil in the case of cracked distillates results in 
lower polymerization losses and lower loss of “anti- 
knock” rating during acid treatment; in the case of 
lubricating oil stocks re-solution of the sludge is 
eliminated with its resultant darkening and instabil- 
ity of the oil. Batch agitators with air agitation are 
eliminated with their attendant high maintenance, 
inefficient use of chemicals, inflexible operation and 
difficult disposal of hard, viscous sludges. 

Due to the more complete separation of the acid 
from the oil, in all cases there is a reduction in re- 
fining losses ranging from 25 to 50 percent of those 
encountered when gravity settling is employed. 

The flow sheets presented here show the equip- 
ment used in the treatment of lubricating oil stocks. 
With a few exceptions this same flow diagram ap- 
plies to the acid treatment of cracked distillates. 

The continuous treatment of lube oils is analogous 
to the procedure employed in batch treatment, even 





to the well known “sousing” or addition of water to 
agglomerate the sludge. While this step is indicated 
in the flow diagram its use is optional, being de- 
pendent upon the characteristics of the oil treated, 
Greatly improved results have been obtained in cer- 
tain instances by the use of this “sousing” step which 
accomplishes a reduction in the residual acidity of 
the treated oil and causes a gathering of the sludge, 
thereby increasing the operating throughput of the 
centrifuges. 


The operating sequence is as follows: The oil is 
pumped from the raw oil tank at machine capacity 
through the tubular steam heater (or tank) and 
through the proportioning device which maintains 
the flow of acid into the oil at a predetermined rate. 
From the proportioning device the mixture passes to 
the mixing pump where the acid is thoroughly dis- 
persed in the raw oil. This mixing pump discharges 
into a reaction tank, preferably a closed vessel, where 
the volume is regulated to achieve the optimum re- 
action time. 


From the reaction tank the mixture of oil and 
sludge may be passed through the “sousing” mixing 
pump where water is added and then through a sec- 
ond smaller reaction tank, or it may be sent direct to 
the centrifugal separators. Each centrifuge discharges 
three components, namely, the sludge-free treated oil, 
the heavy, viscous acid sludge and free acid. 

The important points of control affecting the opera- 
tion are: acid treat, treating temperature, degree of mix- 
ing, reaction time, and degree of separation. Of these, 
the first two are maintained automatically by conven- 
tional control devices. The mixing pump is especially 
designed to give the proper degree of mixing and agita- 
tion. The reaction time may vary from a few seconds 
up to several minutes, seldom exceeding ten, and is de- 
pendent upon the nature of the oil being treated and to 
some extent the degree of agitation in the mixing pump. 

Discharge of the sludge and weak acid is accom- 
plished continuously so that there is no necessity of 
stopping the machines for bowl cleaning. Frequent ex- 
aminations of bowls in service have failed to reveal any 
accumulation of the semi-solid, non-plastic material, as- 
phaltic in nature, sometimes encountered in similar op- 
erations. Collecting hoppers on the separators are so de- 
signed as to facilitate the flow of sludge so that no back- 
ing up of the material is experienced. The machines are 
shut down for inspection at intervals of a week or S0. 
The sludge discharged from the centrifugal separator is 
less viscous and can therefore be disposed of more 
readily than that drawn from batch agitators. 
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Stratiord Cold Treatment Proeess 





ACID TREATING PLANT 


HIS process is one in which mechanical energy 

is expended for quickly and intimately mixing 
acid with distillate at controlled temperatures, dur- 
ing short periods, and immediately separating the 
mixtures by centrifuging. Each time that the acid 
and distillate are mixed and separated is termed a 
“stage”. Two or more “stages” are required in this 
process and, in the majority of cases, three stages 
are necessary to attain the desirable economics of 
treating and quality of products. This treating sys- 
tem is multi-step, counter-current, the distillate 
flowing through the plant in one direction, while 
the acid flows in the opposite direction. Mechanical- 
ly, each stage consists of a refrigerating contactor, 
centrifuge, chiller, distillate and acid pumps. 

The process being counter-current, acid is finely 
dispersed and intimately contacted with the distil- 
late, during a short and predetermined period of 
time, at optimum controlled temperatures, then 
cleanly separated in each stage. It is evident that the 
number of stages cannot be infinite because of cost, 
but must be limited to a practical number, usually 
three, as determined by the over-all treating effi- 
ciency. 

The Flow Sheet on the opposite page shows clear- 
ly the characteristic design of the Stratford acid 
treating plant and the flow of materials through it. 

Because of the instantaneous high dispersion of 
acid in distillate in conjunction with regulated con- 
tact time, at optimum controlled treating temper- 
atures, followed by instantaneous and clean centrif- 
ugal separation, in a counter-current, multi-stage 
system, selective polymerization and solution are 
always under satisfactory control. Hence, the use of 
sulphuric acid in all practical concentrations becomes 
possible. Fuming acid may, therefore, be used in 
some cases economically and effectively as a solvent 
for sulphur compounds. 

Greatest economy of sulphuric acid results from 
the maximum utilization made of all acid fed to the 
plant. It is often advisable to manufacture pressure 
distillate of a somewhat higher end point and conse- 
quent lower gasoline content, than might otherwise 
be made, in order to furnish sufficient residue in re- 
distillation to act as a recipient carrier of the polym- 
erized organic sulphur compounds and, thus attain 
reduced total acid consumption. 

The higher mercaptans are readily removed in the 
once and twice used-acid stages at lower cost than 
could be done with soda. 

The nitrogen compounds or pyridine bases are 
easily and completely removed from the distillate by 
the first and second used-acid stages or they may 
also be removed by a weak acid pre-treat. The pres- 
ence of such compounds in the distillate is particu- 
larly undesirable because of their effect on the color 
stability of the finished product. 
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In this process, corrosion of all parts of the rerun 
equipment is practically eliminated by the suppression 
of the usual SO, evolution. 

Owing to the absence of decomposition products 
from acid or neutral esters, in solution in the charge 
to the rerun still, the pressure distillate bottoms are 
clear and the color is much lighter than is the case 
of P. D. treated otherwise with acid. 


The acid sludge coming from the plant is fluid 
and is easily separated into acid oil for fuel and 
clean, dilute sulphuric acid. Consequently, costly 
sludge handling equipment becomes unnecessary. 


Mechanical entrainment of good distillate is prac- 
tically eliminated by clean and complete centrifugal 
separation of the distillate from the acid sludge. 


The entire plant is vapor tight, thereby reducing 
to a minimum, fire and health hazards. 


The acid treated distillate leaving the plant con- 
tains only negligible traces of acid in solution in the 
distillate. Such traces are readily removed by an 
effective water wash without sensible hydrolysis. 
This makes possible maximum economy of soda or 
lime required for neutralization of the distillate. 

Owing to the fact that the degree of polymeriza- 
tion and solution in acid of the distillate are under 
control, a major quantity of valuable anti-knock 
components contained in the raw distillate, are pre- 
served in the treated distillate, thus substantially 
adding to the market value of the finished product, 
so treated, in terms of high octane rating. 

In the majority of cases, best pressure naphtha 
treating economics demand that the treating be done 
at reduced, controlled temperatures easily attainable 
by the application of direct expansion NH, refriger- 
ation. This is applied to the installation at relatively 
low investment and operating costs. 

Straight run gasolines properly fractionated to end 
point requiring heavy treatments with sulphuric 
acid for necessary removal of sulphur bodies, can be 
readily treated with negligible rise of end point, in 
the treated gasoline and, in most cases such treated 
gasolines do not require redistillation. 

Straight-run gasolines, naphthas and kerosenes, 
properly fractionated to end-point, containing nitro- 
gen compounds or potential gum forming com- 
pounds, often difficult to treat to stable marketable 
products by most other methods, are easily finished 
by this process, 

Relatively small ground area is required for these 
plants of even the largest charging capacities. The 
volumetric capacity of the contactor-centrifuge 
plant, meaning the actual quantity of distillate with- 
in the system at any time, is remarkably low. The 
operation is entirely automatic requiring the supér- 
vision of but one operator. 

This description is furnished through the coopera 
tion of The Stratford Engineering Corporation, Dierks 
Bldg., Kansas City, Missouri. 
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Sharples Acid Treating Process 


HE Sharples Specialty Company, 2370 West- 

moreland Street, Philadelphia, has in the past 
offered the Sharples Centrifugal Process primarily 
for the treatment of heavy lubricating stocks and 
pressure distillate. The recent development of a 
Sharples centrifuge of greatly increased separating 
capacity has reduced centrifugal treating costs, mak- 
ing operation of the process more profitable on such 
stocks and has extended its economic application to 
the treatment of neutrals and non-viscous oils. 

In the Sharples Centrifugal Process the raw lubri- 
cating stock and acid are continuously measured in 
the required proposition, violently agitated mechan- 
ically to cause a reaction between the oil and the 
acid, and the mixture is then centrifugally separated 
continuously, delivering sludge-free sour oil and oil- 
free sludge. 

Important features of this process are (1) Thor- 
ough mixing of acid and oil. (2) An ageing period 
of predetermined time for completing the reaction 
between acid and oil. (3) A prompt and clean cut 
separation of sludge obtained at high capacity in the 
new centrifugal unit. The separating capacity of the 
new centrifuge ranges from 400 barrels daily on lube 
stocks to 4000 barrels daily on pressure distillate. 

The diagram shows the units of the equipment for 
operating the process. The entire system is closed. 
Oil is supplied at a sufficient pressure to pass it 
through the system until it discharges as sour oil 
from the Sharples Super Centrifuge. A pressure of 
approximately 20 pounds per square inch is sufficient. 
The oil is either drawn from the supply at correct 
temperature or is passed through a continuous heater 
so controlled as to give oil of a uniform tempera- 
ture. Acid is also supplied at approximately the same 
pressure. 

The proportionometer used for measuring the acid 
in proportion to the oil is operated and controlled by 
the flow of oil using a positive displacement device 
fer this purpose which in turn controls a positive 
displacement device for measuring the acid. The pro- 
portionometer will give an accurate proportional 
measurement of acid to oil over all ranges of rates 
from no flow to the maximum handled by the equip- 
ment. When there is no flow of oil the acid flow is 
shut off automatically. The rate of acid to oil may 


be changed instantly during operation without stop- 
ping the flow of either acid or oil. 

The acid and oil flow separately to a mixer and 
ager of the multistage type having a sufficient de- 
gree of agitation and an adequate capacity for mix- 
ture to give a complete reaction of the acid and the 
oil. The mixer is equipped with ball bearings mount- 
ed independently of the mixing chamber so that no 
acid or sludge may come in contact with the bear- 
ings. The mixing chamber may be opened for exami- 
nation and cleaning without removal of the mechan- 
ism used in the agitation. 

The completely reacted mixture passes on to a 
specially designed Sharples Super Centrifuge where 
it is separated into sour oil and sludge. The sour oil 
continuously discharges in a condition for neutral- 
ization or clay contacting. The sludge continuously 
discharges as a liquid of very high viscosity and will 
flow away by gravity through piping to equipment 
for fluxing for burning or cracking for acid recovery. 

The process operates effectively both on the light- 
est oils and on highly viscous stocks of high asphaltic 
content. It is effectively used in producing bright 
stock from residual oils requiring as high as 80 
pounds of acid per 42-gallon barrel, and on oils hav- 
ing viscosities as high as 350 Saybolt at 210°F. The 
most viscous oils are treated without fluxing or dilu- 
tion. It may be used for treating unusual stocks such 
as solvent extracted stocks or for making di-electric 
or white oils. Sludges from the treatment of such 
oils continuously discharge from the centrifuge with- 
out difficulty. Sixty-six degrees Be. surfuric, 98 per- 
cent sulfuric, of fuming sulfuric acid may be used 
in the process. 

The Sharples Super Centrifuge has been designed 
to adapt it to this use with the special consideration 
of the discharge of sludge, elimination of sulphur 
dioxide fumes, and protection from corrosion. By the 
use of the process, it is claimed that the loss of oil 
on acid treating may be substantially reduced, espe- 
cially in the treatment of heavy residual oils. There 
is a reduction in the use of acid required. Freedom 
from sludge in the sour oil facilitates contacting, re- 
ducing the quantity of clay required and improving 
the filtering rate. Improved tests on the finished oils 
are obtainable. 


Refiner & Natural Gasoline Manufacturer—V ol. 15, No. 10 








[ IV — Treating | 





SHARPLES PROCESS 
FOR ACID TREATING 

















oa ~ ee 
rt Hf at ad 4P 


=='s 


et 


“T PROPORTIONOMETER 








ra, Sh, 














| At 
(_) HEATER 











= 
4h 


8 
Ai 

, rR 

” 7 pm 

* ‘get ae >) (@)) 


| C = ceca | 


i] Sor Yor | 

eeoer SS SIREN EP GREE F 
RAW OIL 
PUMPS 

















October, 1936—A Gulf Publishing Company Publication 








Vapor Rectification Process 





FOR NATURAL GASOLINE 


OMPRESSION and cooling as a means of separat- 

ing gasoline from natural gas has a venerable past. 

As the first process used by the industry, it was in good 

repute until the expanding market for natural gasoline 

and the operation of long distance gas lines gave rise 

to a demand for a more efficient method, both in ex- 

traction, efficiency, and the possibility of operating at 

lower pressures, which demand was met by the develop- 
ment of the absorption process. 

The original recovery process, that of compression 
and cooling, with separation by gravity in a common 
receiver for the cooled gas and condensed gasoline frac- 
tions, has the inherent limitation of separation by sim- 
ple condensation. Under these conditions, the total con- 
densed liquid is in equilibrium with the total NC gas at 
the temperature and pressure prevailing within the con- 
denser. The result is a condensate containing a large 
proportion of undesirable light hydrocarbons, and a 
residue containing a large proportion of the heavier hy- 
drocarbons desirable as gasoline fractions. 

Wherever the compression of natural gas is neces- 
sary, the interstage and final cooling results in gasoline 
recovery. Jf by some simple and economical improve- 
ment in the compression process, condensation may be 
made selective of the heavy hydrocarbons, the process 
should find many applications in which recovery of nat- 
ural gasoline becomes profitable. This has been accom- 
plished by further application of Vapor Rectification to 
include natural gasoline recovery, following its success- 
ful demonstration as a good method of recovery for 
refinery vapors. (See Refiner, February, 1932, Page 
210). 

In Vapor Rectification the addition of selective con- 
densation to the compression process is accomplished 
in a bubble plate tower of carefully designed capacity, 
the plates of which function as a series of dephlegma- 
tors to retain the heavier hydrocarbons, which then ac- 
cumulate in the bottom of the tower while the residue 
containing only the undesirable hydrocarbons issues 
from the top of the column. Under conditions of con- 
tinuous operation, the bottoms are discharged as recov- 
ered gasoline. 

Theoretically, it is possible to so design and operate 
the Vapor Rectification column as to produce a finished 
stable gasoline of specified vapor pressure. This is suc- 
cessfully accomplished in numerous installations for the 
recovery of refinery vapors, where operation conditions 
are fairly constant. However, in the natural gas fields 
where proration and other conditions result in large 
fluctuations of flow of gas and of gas composition, it has 
been found necessary to meet practical requirements by 
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installing one bubble plate tower for recovery of the 
gasoline, and another of conventional design to stabilize 
the product under fairly constant conditions of opera- 
tions. Several installations of this latter type are in suc- 
cessful operation in various fields with others under 
construction. 

The flow diagram of the two-unit system presented 
through the cooperation of Petroleum Engineering, Inc., 
Philtower Building, Tulsa, affiliated with Arthur G, 
McKee & Co., Cleveland, is shown on the opposite page 
and its operation is as follows: 

Gas from the field is received by the low stage com- 
pressors and discharged to innercooler and separator. 
Any liquid accumulating in the separator goes to the 
raw gasoline surge tank as an ingredient of the raw 
gasoline product. The gas then passes through the high 
stage compressor to the gasoline recovery column 
through a partial cooler where its temperature is regu- 
lated to suit the design conditions of the plant. Within 
the column a down-flowing stream of gasoline reflux 
serves to condense out successively heavier components 
which are thus carried downward to a point below the 
feed plate. Below the feed plate, heat generated in the 
reboiler serves to strip the resultant condensate of any 
excess light components which have been retained in 
the reflux stream. The resulting bottom product is a 
gasoline which contains substantially all the pentanes 
and heavier in the raw gas, and sufficient of the butanes 
to produce a gasoline of the required vapor pressure in 
addition to light hydrocarbons which have been retained 
by condensation. The raw gasoline so formed is dis- 
charged through the gasoline cooler to the raw gasoline 
surge tank to be subsequently stabilized. 

The overhead vapors from the recovery column pass 
through a condenser in which a liquid reflux is pro- 
duced, to be collected in the reflux separator for return 
circulation to the column. This volume of reflux is aug- 
mented by excess reflux from the stabilizer unit, and 
the operation of the two units may be so balanced that 
this additional reflux is sufficient to permit the operation 
of the recovery column condenser at the minimum pres- 
sure for the necessary condensation at the available 
water temperature. Where the gas is relatively rich the 
operating pressures and temperatures lie very favorably 
within practical conditions of cooling water tempera- 
tures obtainable even during the summer months. For 
lean gases where a complete recovery is required, addi- 
tional subcooling by propane produced at the plant may 
be resorted to with high economy. 

After the raw gasoline has been accumulated in the 
surge tank its method of stabilization is by the use of 
the conventional gasoline stabilizer, with the exception 
that condensation of reflux is carried to the maximum 
necessary to produce the excess which may be so bene 
ficially used in the recovery column. The stable prod- 
uct leaving the plant meets every requirement for @ 
stabilized natural gasoline to be used either for blend- 
ing or as a motor fuel. 
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Olefin Gas Coneentration Process 


HE polymerization of the unsaturated constituents 

of gases produced during the cracking and reform- 
ing processes is attracting wide attention. These gases 
may be polymerized directly without any processing 
except perhaps, the removal of hydrogen sulphide. It is 
possible, however, to effect a considerable saving in the 
first cost of the necessary plant equipment, and also in 
operating costs by concentrating the higher olefins in a 
relatively small volume of total gas. This is advantage- 
ous particularly when the concentration process is com- 
bined with the process of stabilizing the cracked gas- 
oline. Such a combination process is described here, 
through the cooperation of Foster Wheeler Corpora- 
tion, 165 Broadway, New York, N. Y. 

The only constituents of the gases in which we are 
primarily interested, from the point of view of produc- 
ing polymers boiling in the gasoline range, are the bu- 
tylenes and the propylenes. Consequently, it is desired 
that these gases be separated from the other gases as 
completely as possible. A diagrammatic flow sheet of a 
process which satisfactorily effects such a separation is 
shown on the opposite page. 

The wet gases from the pressure distillate receiver 
and the reforming unit are compressed to about three 


hundred pounds pressure and then cooled to about 80°- 


100°F., depending on the water temperature. These 
cooled, compressed gases are passed into the lower end 
of the high pressure absorber. Lean oil, which is pro- 
duced in a manner to be described later, is cooled to 
about the entering gas temperature and fed in at the 
top of the absorber at such a rate that all of the pro- 
pylene and heavier constituents of the gases are ab- 
sorbed. The major portion of the ethane and lighter 
constituents of the absorber feed gases are vented to 
the fuel system from the top of the absorber. 

The lean oil and absorbed gases or fat oil flows from 
the bottom of the absorber and passes together with the 
raw cracked gasoline through heat exchangers and into 
the debutanizer as feed. The feed is stripped of the 
butylene and lighter constituents in the debutanizer by 
the vapors from the heater which serves as a reboiler. 
A portion of the stripped feed is removed as a debu- 
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tanized gasoline side stream. This stream passes through 
the first feed heat exchanger, through a cooler and they 
to storage. The balance of the feed is stripped further 
to the point where its vapor pressure is low enough §9 
that it may be used as lean oil without appreciable loss 
of desirable gasoline constituents in the dry gas. 

The butylene and lighter constituents are rectified in 
the upper portion of the debutanizer and any pentane 
and heavier constituents are returned to the lower por- 
tion. The rectified butylene and lighter constituents are 
then partially condensed as shown. The condensate is 
returned to the debutanizer as reflux, while the non- 
condensed vapors flow to the polymerization process 
plant. 

The higher olefin gas concentration process described 
above is well adapted for use in conjunction with a low 
pressure polymerization process such as the Universal 
Oil Products Company’s acid catalyst process. When 
used in conjunction with this polymerization process, 
continuous flow may be secured without the use of 
pumps, except for the lean oil and reflux pumps, from 
the gas compressor into the absorber, through the de 
butanizer, polymerization plant heater, catalyst towers 
and into the poly product stabilizer. 

The table below represents typical results obtainable 
by means of this process. The figures are based on 1000 
standard cubic feet of wet gas per day with a corre 
sponding amount of gas removed from the raw cracked 
gasoline in the debutanizer: 








Poly plant 
charge 
cu. ft./day 


Dry gas 
cu. ft./day 


Wet gas 
cu. ft./day 


Absorbed gas 
cu. ft./day 





Are 314 32 4 
Ethylene . 4 + 
Ethane . 61 78 
Propylene . 52 65 
Propane . 181 229 
Butylene . 44 73 
Butane . 113 170 
Pentane Plus 65 17 


SN 


552 680 
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Girbotol Purification Process 





HE Girbotol process (patented) for the sepa- 

ration of acidic constituents from gaseous mix- 
tures is applicable to the purification of gases in the 
petroleum industry. The process has been employed 
for two purposes: the removal and recovery of hy- 
drogen sulphide from natural and refinery gases, and 
the separation of carbon dioxide from hydrogen used 
for hydrogenation of oil. This information is pre- 
sented through the cooperation of The Girdler Cor- 
poration, Louisville, Kentucky. 

Operation of the process is based upon the dis- 
covery that aliphatic amines have a strong affinity 
for acid gases such as hydrogen sulphide and carbon 
dioxide at or near atmospheric temperature, but at 
higher temperatures the affinity drops off rapidly 
and the gas is expelled. 

It is therefore possible to operate the process in a 
continuous cycle, absorbing acid gas from a gas 
stream at atmospheric temperature and expelling it 
at another point by raising the temperature of the 
absorbent. 

Those amines which have been employed com- 
mercially as absorbents are triethanolamine, mono- 
ethanolamine, diaminoisopropanol and dimethyl- 
aminodihydroxy propane. Because the amines are 
strong bases, freely soluble in water, large volumes 
of acid gas may be removed per volume of solution 
circulated. The efficiency of the process is therefore 
high. 

OPERATION 

The cycle and equipment employed in the process 
are almost identical with those of a gasoline absorp- 
tion plant (see flow chart). Gas to be treated flows 
up through a bubble tower or absorber. Amine so- 
lution, at atmospheric temperature, enters the ab- 
sorber and flows down the tower from tray to tray 
picking up the acid gas. Purified gas leaves the ab- 
sorber at the top. 

Amine solution, saturated with acid gas, is pumped 
through heat exchangers, where its temperature is 
raised to 190°-200°F, and into the upper part of the 
reactivator, which also consists of a bubble tower, 
containing in its base a tubular reboiler section and 
at the top a reflux condenser. The amine solution, 
flowing down the tower, is heated to 215°-220°F. by 
steam rising from the boiling solution in the re- 
boiler section, and the acid gas is expelled and 
flushed out by ascending vapors. The acid gas leaves 
the reactivator saturated with water vapor at 190°- 
200°F. and flows through the condenser where it is 
cooled by water and the steam condensed. The con- 
densate is returned to the reactivator. Hot, lean so- 
lution, stripped of acid gas flows from the base of 
the reactivator to a pump, thence through the ex- 
changers in counter current relation to the cold, rich 
solution. From the exchangers the solution passes 
through water coolers, and finally back to the top of 
the absorber. The plant is entirely automatic in op- 
eration, requiring only casual supervision. 


HYDROGEN SULPHIDE 


Separation of hydrogen sulphide from hydrocarbon 
gases is accomplished exactly as described above. 
The gases may be treated at high or low pressure 


with equal success, but gas under pressure is puri- 
fied more economically because smaller towers are 
required and larger volumes of hydrogen sulphide 
are removed per gallon of solution circulated. The 
process is well adapted for purifying gas containing 
a high percentage of hydrogen sulphide. The rate of 
reaction in the absorption stage is so rapid that 
complete stripping may be obtained in a single 
tower. Because an aqueous absorbing solution is 
employed, practically no hydrocarbon constituents 
are removed from the gas if the physical conditions 
of temperature and pressure are controlled. This 
makes it possible to apply the process for the purifi- 
cation of wet gas before the extraction of gasoline 
and results in lower subsequent treating costs to 
purify the gasoline. 

Frequently sour natural gas contains appreciable 
quantities of carbon dioxide. The cost of purifying 
the gas from hydrogen sulphide would be prohibitive 
if it were also necessary to remove this carbon di- 
oxide. There are, however, certain amines which 
have a strong selective affinity for hydrogen sul- 
phide and this impurity may be washed out prefer- 
entially without substantially reducing the carbon 
dioxide content of the gas. 


The concentrated hydrogen sulphide recovered 
may be treated in a number of ways. In instances 
where quantities are small and the sulphur has no 
value, the H,S gas may be burned. In other cases 
the hydrogen sulphide may be treated to produce 
sulphur, for example, by oxidation in a Claus kiln 
or by interaction with sulphur dioxide produced by 
combustion of a portion of the hydrogen sulphide. 

A recently proposed method for utilization of the hy- 
drogen sulphide, especially in a refinery, is as raw ma- 
terial, in place of brimstone, for the manufacture of sul 
phuric acid. One million cu. ft. of gas containing 450 grains 
of hydrogen sulphide per 100 cu. ft. carries sufficient sul 
phur to produce one ton of 66° Be. sulphuric acid. A large 
refinery can therefore profitably produce its acid require 
ments from its own gas. 


CARBON DIOXIDE FROM HYDROGEN 


Large volumes of industrial hydrogen are now prepared 
by reacting methane with steam at a high temperature and 
oxidizing the resulting carbon monoxide to carbon dioxide 
with an additional quantity of steam at a lower tempera 
ture. The reactions are 


CH, + H:O — CO + 3H: 
CO + HO — CO. + Hs: 


CH, + 2H;:O — CO, + 4H: 


The resulting -gas mixture contains 18-20 percent carbon 
dioxide and practically no carbon monoxide. 





The Girbotol process will separate carbon dioxide from 
such a mixture economically. Separation with amine soli- 
tion may be carried out at relatively low pressures, where 
as good efficiency with water is obtained only at high pres 
sures. Even though the hydrogen must be subsequently 
compressed further, there is a saving in compression cost 
if the carbon dioxide is removed at an intermediate pres 
sure. With the Girbotol process the carbon dioxide may 
be completely eliminated with relatively small volumes 
absorbing solution, while very large volumes of watef 
must be employed for comparable purification. Before us& 
the water must be decarbon?ted and deaerated. 
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Phenolate Gas Purification Proeess 


HE Koppers Construction Company pioneered in 

the field of gas purification by means of liquids 
with the introduction of the Seaboard process 15 years 
ago, and, since that time, has prosecuted a continuous 
program of research directed toward the development 
of improved processes for the treatment of various 
types of gases. More than 90 plants have been built in 
all parts of the world to utilize these processes for the 
removal of hydrogen sulfide from coal gas, water gas, 
natural gas, refinery-still gas, and various gases in chem- 
ical plants. 

Recently developed processes for the synthesis of 
valuable motor fuels and chemicals from refinery-still 
gas are, in many cases, applicable only to gases low in 
hydrogen sulfide. The Phenolate Gas-Purification proc- 
ess was developed for the particular purpose of purify- 
ing refinery-still gas and natural gas, with the profitable 
production of-substantially pure hydrogen sulfide. Since 
hydrogen sulfide frequently occurs in these gases in high 
concentrations, sulfur may be recovered from them by 
the Phenolate process at a cost which is considerably 
less than that of natural brimstone at its source. In ad- 
dition to the production of low cost sulfur, the gas is 
purified to the extent of 95% to 99.8%. Purified gas 
may be distributed for domestic use or it may be treated 
for conversion to liquid hydrocarbons by pyrolysis and 
polymerization. 

Sulfur recovered by the Phenolate process is in a 
form readily adaptable to the manufacture of sulfuric 
acid by any of the conventional methods. It frequently 
happens that there is sufficient sulfur in the cracking- 
still gas now being burned under boilers to supply the 
acid requirements of the entire refinery, and at a total 
cost which may be as low as 50% of contract acid cost. 
Present day acid plants used for converting hydrogen 
sulfide gas into sulfuric acid are simple, compact units 
which are practically automatic in their operation. They 
require no special type of labor and supervision other 
than the usual refinery personnel. 

The purification system consists of an absorption 
stage and an actification stage, through which the Phen- 
olate solution is circulated continuously. This solution 
has an extremely high carrying capacity for hydrogen 
sulfide, amounting to 2000 to 4000 net grains per gallon. 
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As a result, it is necessary to circulate only five to 10 
gallons of solution per thousand cubic feet of sour gas, 
This very low circulation rate is one of the reasons for 
the low operating expense and the small size of equip 
ment required in comparison to other liquid purification 
processes, 

Referring to the flow diagram, the hydrogen-sulfide 
laden gas enters the absorber at the base, passes up 
through the bubble-cap trays and leaves at the top, 
stripped of 95% of its hydrogen sulfide. The solution 
leaving the bottom of the absorber, saturated with hy- 
drogen sulfide with respect to the incoming gas, passes 
through the heat-exchanger tubes to the top tray of the 
actifier. It flows down over the actifier trays, counter- 
currently to the stripping steam which is generated in 
the reboiler at the base. Sufficient indirect steam is used 
to effect the desired degree of actification of the solu- 
tion. This, in turn, is determined by the maximum resid- 
ual hydrogen sulfide desired in the exit gas. 

The actified solution flows from the reboiler through 
the heat-exchanger shell, is further cooled in the solu 
tion cooler, and is then pumped to the fourth tray be 
low the top of the absorber. The absorption cycle starts 
again at this point. 

Hyrdogen-sulfide laden steam passes from the top of 
the actifier to the dephlegmator shell and thence the 
hydrogen sulfide is forced, by the actifier pressure, to 
the acid plant burner or other point of disposal. Con- 
densate from the dephlegmator returns to the actifying 
column. 

Fresh water is added continuously to the top tray of 
the absorber. The three top trays comprise, in effect, a 
water scrubber to recover chemicals which have been 
entrained or evaporated from the solution. It is neces 
sary, at periods of several days, to replenish chemicals 
lost from the system, and a small mixing tank is pro 
vided for this purpose. The caustic soda and crude 
phenol used in the process are inexpensive. 

This system is completely adaptable to conditions 
peculiar to individual projects. Patents covering the 
Phenolate Process are U. S. 1,971,798; 2,002,357; 
2,028,124; and 2,028,125. This discription is presented 
here through the cooperation of The Koppers Cor 
struction Company, Koppers Building, Pittsburgh, Pa. 
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